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Symbol Description Units 
A heat exchange area 
aGL interfacial area mi
2 mbed
-3 
aj activity of component j mol mL
-3 
av external volumetric surface area mcat
2 mbed
-3 
bi parameter i dependent 
Ca Carberry number 
Cj concentration of component j mol mL
-3 
CNj number of carbon atoms of component j originating from a glucose feed 
molecule 
cp specific heat capacity J kg
-1 K-1 
Ct total concentration of active sites mol kgcat
-1 
dh hydraulic diameter m 
DH2,G diffusion coefficient of hydrogen in the gas mixture m
2 s-1 
dt tube diameter m 
Ea,i activation energy of reaction i kJ mol
-1 
F F-value for global significance of the regression 
F total molar flow rate mol s-1 
fcat catalyst fraction in the bed mcat
3 mbed
-3 
fj fugacity of component j  
Fj molar flow rate of component j mol s
-1 
FV volumetric flow rate mL
3 s-1 
G total molar gas flow rate mol s-1 
Hj Henry constant of component j mL
3 mG
-3 
Kads,j adsorption equilibrium coefficient of component j mL
3 mol-1 
kGL,j overall gas-liquid mass transfer coefficient of component j mL
3 mi
-2 s-1 
ki rate coefficient of reaction i dependent 
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Ki thermodynamic equilibrium coefficient of reaction i - 
KVLj vapor-liquid equilibrium coefficient of component j 
L total molar liquid flow rate mol s-1 
ṁ mass flow rate kg s-1 
m mass kg 
MMj molar mass of component j kg mol
-1 
ncomp number of components 
nexp number of experiments  
nj molar amount of component j mol 
Nj stoichiometric correction factor for component j 
nresp number of responses 
Nu Nusselt number 
p pressure MPa 
Pr Prandtl number 
R universal gas constant J mol-1 K-1 
Re Reynolds number 
ri reaction rate of reaction i mol mr
-3 s-1 
Rj net production rate of component j mol mr
-3 s-1 
s standard deviation 
Sc Schmidt number 
Sh Sherwood number 
Sj,A selectivity of component j originating from reactant A mol mol
-1 
SSQ (weighted) sum of squares 
t batch time s 
T temperature K 
t t-value for the individual significance of a parameter 
t0 glucose feed time s 
Tave average temperature K 
U overall heat transfer coefficient W mr
-2 K-1 
Vr reactor volume mr
3 
vx superficial velocity in the x direction mL
3 mr
-2 s-1 
Wcat catalyst mass kgcat 
wj weight factor corresponding to response j 
x axial coordinate 
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Yj,A molar yield of product j originating from reactant A mol mol
-1 
zj molar fraction of component j in the mixture 
ΔfHj enthalpy of formation of component j J mol
-1 
ΔrHi reaction enthalpy of reaction i J mol
-1 
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Symbol Description Units 
α convection coefficient W mr
-2 K-1 
βi estimate for parameter bi dependent 
δ wall thickness mr 








θj fractional site coverage of component j 
λ thermal conductivity W mr
-1 K-1 
μ dynamic viscosity Pa s 
ν kinematic viscosity mL
2 s-1 
ρcat density of catalyst kgcat mcat
-3 
ρj density of component j kg mL
-3 
σ surface tension N m-1 
φ shape factor 
ϕj fugacity coefficient of component j 
χLM Lockhart-Martinelli parameter 
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* adsorbed species on a metal site 
0 initial 
cool coolant 
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The difference in internal energy between reactants and transition state 
in an elementary step. It is a measure for the temperature dependence 
of the rate coefficient k, usually expressed by the Arrhenius relation, 
k = A exp(Ea/RT), with R the universal gas constant, A the pre-
exponential factor and Ea the activation energy. 




A sequence of chemical reactions constituted of homogeneous bulk 
phase and heterogeneously catalyzed reactions. 
Catalyst Substance or material which accelerates the conversion of reagent into 
products. Catalysts are classified into homogeneous, which are in the 
same phase as the reagents (e.g. acids and bases) and heterogeneous, 





A reactor, mostly operated at steady-state conditions, which is 
continuously supplied with feed and at the same time reactor contents 
are discharged such that the liquid volume in the reactor remains more 
or less constant. The fluid phase in the reactor is agitated such that the 
composition is uniform and equals the effluent composition. 
Conversion Measure of the amount of reactant that has been transformed into 
products as a result of a chemical reaction. 
Fed-batch 
reactor 
A transiently operated reactor which has a feed section but no effluent 
section. Feeding is, thus, restricted by the reactor volume. 
Fugacity Thermodynamic activity in a non-ideal phase with the ideal gas state 
as the reference state. 
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Jet loop reactor Consists of a reactor vessel and a recirculation loop, through which, at 
least part of, the liquid reactor effluent is sent back to the reactor inlet. 
There, the liquid is mixed with the gas and injected into the reactor to 
ensure efficient gas-liquid mixing in the reactor. This type of reactor 
is typically used for exothermic two- or three-phase processes as good 
heat exchange is ensured by an external heat exchanger used for 
cooling the recirculating flow. The catalyst flows along with the liquid 
phase. 
Kinetic model Mathematical description of changes in properties and concentration 
of a reactive system. 
Parameter 
estimation 
Process of determining the parameters of a relation between 
independent and dependent variables based on experimental 
observations as to describe a chemical reaction as good as possible. 
Parity plot Plot representing model calculated values of the dependent variables 
as a function of the experimentally observed values. Ideally, model 




A continuously operated tubular reactor which is continuously 
supplied with feed, while an equal volume flows out the reactor. The 
name plug arises from the modeling of this reactor as an infinite series 
of ‘plugs’. These have a uniform composition and can, thus, be 




A mathematical expression that describes that the change of 
concentration of a very reactive complex is equal to zero, i.e., there is 
no accumulation of the component. 
Reaction 
network 
Combination of several consecutive and parallel reactions. 
Steady-state A steady state is reached when the variables (responses) which define 
the behavior of the system or the process are time-independent 
Transition state Complex with the highest potential energy along the lowest energy 
path between reactants and products. 
 
 




A special case of the plug flow reactor where gas and liquid flow 
cocurrently over a fixed catalyst bed, i.e., ‘trickle’ down. Since low 
flow rates are applied in the trickle regime gas-liquid mass transfer can 
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1 N,N-dimethylaminoethenol is the molecule often referred to as ‘the enamine that can be hydrogenated to DMAE’ 
in this work 
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2 N,N,N’,N’-tetramethylethenediamine is the molecule often referred to as ‘the enamine that can be hydrogenated 






Aiming at a long-term sustainable society, it is evident that fossil resources will have to be 
replaced by renewable or circular ones. Moreover, the pollution generated by employing fossil 
based fuels has led to more stringent regulations with respect to, e.g., greenhouse gas 
emissions. Within this framework, this thesis focuses on the potential of added value chemicals 
production from renewable/waste cellulosic biomass.  
The example case that is considered is that of the production of small amines and 
aminoalcohols from glucose, i.e., the monomeric building block in cellulosic biomass. Since 
biomass already comprises oxygen containing functions, only nitrogen functions have to be 
introduced to produce desired chemicals such as N,N,N’,N’-tetramethylethylenediamine 
(TMEDA) and N,N-dimethylaminoethanol (DMAE). Of course, excess oxygen functions have 
to be removed, e.g., via dehydration. The produced compounds have applications as detergents, 
surfactants, scrubber liquids but also as a ligand in homogeneous catalysis. At present, the 
products targeted in this thesis are obtained via the conversion of (fossil derived) ethylene oxide 
and dichloroethane. The reaction investigated in this thesis, hence, is not only more sustainable 
in terms of feedstock used, but also with respect to inherent safety. 
During the so-called reductive aminolysis of glucose N,N,N’,N’-tetramethylethylenediamine 
(TMEDA) and N,N-dimethylaminoethanol (DMAE) were produced at relatively low 
temperatures, i.e., in the range from 383 K to 398 K, which is quite surprising as this requires 
the cleavage of C-C bonds, which normally occurs at temperatures above 473 K. During an 
extensive experimental campaign an initial assessment of the reductive aminolysis of glucose 
with dimethylamine (DMA) was performed in a batch reactor. While the effects of varying 
operating conditions could be observed and explained, well-controlled reactor operation 
proved to be very challenging. Glucose was transformed into degradation products to a 
significant extent, hence, leading to unacceptable product losses of 40% or more. Moreover, 
the operating conditions in terms of temperature and total pressure are poorly defined such that 
an unequivocal interpretation of the acquired data as required for kinetic model construction is 
practically impossible. Therefore, the batch reactor has been transformed into a fed-batch 
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reactor configuration, in which the glucose is only admitted to the reactor once all other 
reaction conditions, more particularly the operating temperature, have been established. Higher 
product selectivities up to 15% and 60% for DMAE and TMEDA respectively, were obtained 
and carbon balances were approaching closure up to maximally 93%. Higher temperatures lead 
to higher TMEDA selectivities, an evidence that temperature is critical for the scission of C-C 
bonds. Higher total pressures up to 7.5 MPa, catalyst to glucose ratios and lower feed rates of 
glucose all result in an enhanced hydrogenation capacity. This is beneficial to the extent that 
degradation is suppressed, but should be handled with caution as too much hydrogenation 
capacity leads to the formation of N,N-dimethylglucamine, i.e., the reductive amination 
product of glucose with yields amounting up to 23%. Degradation is also suppressed when the 
DMA to glucose ratio is higher and, furthermore, results in a higher TMEDA selectivity as full 
conversion of glucose to TMEDA requires the highest amount, i.e. six, of aminations. 
The reductive glucose aminolysis reaction network is quite complex and comprises 
heterogeneously metal catalyzed, heterogeneously acid catalyzed and homogeneously 
catalyzed reaction steps, along with purely homogeneous degradation reactions. In total, 22 
parameters have been determined, of which 14 corresponded to the rate coefficients of the 7 
reaction families that were considered, and 8 related to adsorption coefficients. The parameter 
estimates obtained after regression of the kinetic model to the experimental data were all 
significant and with binary correlation coefficients not higher than 0.80, while the regression 
itself was globally significant. The incorporation of a nitrogen atom in the carbohydrate 
reactant was found to lead to a significantly lower activation energy for the subsequent retro-
aldol cleavage and hydrogenation. The observed amination rate in this thesis is within the range 
of earlier reported aminations, such as the reductive amination of benzaldehyde with ammonia. 
Also the ratio of the hydrogenation to the amination rate is within typical ranges as observed 
before, amounting to 102 - 103. 
The reductive aminolysis of glucose belongs to the category of the so-called bimodal 
reaction sequences, i.e. reactions that comprise contributions of homogeneous bulk phase 
reaction steps and heterogeneously catalyzed reaction steps. The contributions of 
heterogeneously catalyzed and homogeneous bulk phase reactions to the overall reaction 
behavior have been assessed by performing 1D reactor simulations of bimodal reaction 
sequences with generic molecules. E.g., the effect of the catalyst amount on the product 
spectrum was assessed. Heterogeneous product yields generally increase with the catalyst 
amount while the homogeneous product yield exhibits an optimum as a function of the catalyst 
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amount. The position of the maximum depends on the actual reaction kinetics and 
thermodynamics. 
The behavior of bimodal reaction sequences has been extrapolated towards three-phase 
reactors. The jet loop reactor, with a low catalyst-to-liquid ratio, and the trickle bed reactor, 
with a high catalyst-to-liquid ratio were simulated for a reaction scheme, again with generic 
molecules, representing a simplified version of the one of glucose aminolysis, yet reproducing 
its critical features including degradation. The homogeneous product is the major one in the jet 
loop reactor and the main challenge is to reduce the extent of degradation reactions. In the 
trickle bed reactor gas-liquid mass transfer appears to be critical. Higher gas flow rates allow 
overcoming mass transfer limitations and result in higher heterogeneous product yields, while 
lower gas flow rates turn product selectivities towards the homogeneous product. In the latter 
case, suppressing degradation is, again, the main challenge. These insights have been verified 
by performing reactor simulations for glucose reductive aminolysis. In the jet loop reactor 
TMEDA, i.e. the homogeneous product, was indeed the main product, with similar yields to 
the ones experimentally obtained at the lab scale using the fed-batch reactor. In the trickle bed 
reactor TMEDA was also the main product and DMAE, i.e. the heterogeneous product, 
formation could not be favored by tuning the hydrogen flow rate. Degradation was also very 
pronounced in the trickle bed reactor, particularly when gas-liquid mass transfer becomes 
limiting. Another challenge in glucose reductive aminolysis is the removal of the heat 
generated by reaction. In the jet loop reactor this is more efficient and, hence, degradation does 
not become as pronounced in this reactor. On the other hand, in the trickle bed reactor, this 
generated heat cannot be removed so efficiently and the temperature increases by 18 K which, 
ultimately, results in much more pronounced degradation, such that it leads to 20% more yield 
loss than if the reactor would be operated isothermally. The simulated trickle bed product yields 
were verified by performing a large lab scale test and both simulation and experiment resulted 








Op lange termijn zullen de fossiele grondstoffen, zoals ze nu dagdagelijks in de industrie 
gebruikt worden, vervangen moeten worden door hernieuwbare of circulaire grondstoffen. 
Daarenboven heeft de vervuiling gerelateerd aan het gebruik van fossiele brandstoffen geleid 
tot een strengere regelgeving van onder andere de emissie van broeikasgassen. In dit kader 
richt dit proefschrift zich op het potentieel om uit cellulose opgebouwde biomassa om te zetten 
tot chemicaliën met een toegevoegde waarde. 
De toepassing die wordt onderzocht betreft de productie van kleine amines en 
aminoalcoholen zoals N,N,N’,N’-tetramethylethyleendiamine (TMEDA) en 
N,N-dimethylaminoethanol (DMAE) vanuit glucose, i.e., de monomerische bouwsteen van 
cellulose. Aangezien deze biomassa al zuurstofgroepen bevat, dienen enkel de stikstoffuncties 
ingebouwd te worden om de gewenste chemicaliën te verkrijgen. Het teveel aan zuurstof dient 
uiteraard verwijderd te worden, bijvoorbeeld door ontwateringsreacties. De geproduceerde 
stoffen hebben toepassingen als detergenten, surfactant, scrubbervloeistof maar ook als ligand 
in homogene katalyse. Tot op heden worden de doelproducten gevormd vanuit ethyleenoxide 
en dichloorethaan geproduceerd vanuit fossiele grondstoffen. De in dit proefschrift bestudeerde 
reactie is dus niet enkel duurzamer op vlak van de gebruikte grondstof, maar ook op vlak van 
inherente veiligheid. 
Glucose wordt gedurende de zogeheten reductieve aminolyse omgezet tot 
N,N,N’,N’-tetramethylethyleendiamine (TMEDA) en N,N-dimethylaminoethanol (DMAE) 
bij lage temperaturen, i.e., tussen 383 K en 398 K. Dit is zeer verrassend, aangezien dit het 
breken van een C-C binding vereist en dit normaal gezien pas gebeurt bij temperaturen vanaf 
473 K. 
Tijdens een uitgebreide experimentele studie werd een initiële beschouwing gemaakt van de 
reductieve aminolyse van glucose met dimethylamine (DMA) in een batch reactor. Alhoewel 
de effecten ten gevolge van het variëren van de procesvoorwaarden op het productspectrum 
vrij duidelijk waargenomen en geïnterpreteerd konden worden, bleek het toch zeer uitdagend 
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om de reactor te bedrijven op een manier waarop alle procesparameters goed gecontroleerd en 
gespecifieerd konden worden. Glucose werd voor een groot deel, meer dan 40%, omgezet in 
degradatieproducten wat uiteraard leidde tot een onaanvaardbaar productverlies. Bovendien 
waren de temperatuur en de totaaldruk ook niet éénduidig bepaald zodat een ondubbelzinnige 
interpretatie van de opgemeten data, zoals vereist voor het opstellen van een kinetisch model, 
praktisch onmogelijk was. Daarom werd de batch reactor omgebouwd tot een zogenaamde 
fed-batch reactorconfiguratie waarin glucose pas wordt toegevoegd wanneer de overige 
reactiecondities, en dan vooral de temperatuur, reeds bereikt zijn. Hogere productselectiviteiten 
van 15% en 60% voor respectievelijk DMAE en TMEDA werden behaald en de koolstofbalans 
kon veel beter gesloten worden, tot maximaal 93%. Hogere temperaturen geven aanleiding tot 
hogere TMEDA-opbrengsten, wat meteen aangeeft dat de temperatuur een kritische factor is 
in het breken van de C-C binding. Hogere totaaldrukken, tot 7.5 MPa, katalysator tot glucose 
verhoudingen en lagere voedingsdebieten van glucose resulteren allemaal in een verhoogde 
hydrogeneringscapaciteit. Dit is gunstig voor zover degradatie onderdrukt wordt, maar er moet 
voorzichtig mee omgesprongen worden aangezien een te grote hydrogeneringscapaciteit leidt 
tot de vorming van N,N-dimethylglucamine, i.e., het reductieve amineringproduct van glucose 
met opbrengsten tot 23%. Degradatie wordt ook onderdrukt wanneer de verhouding van DMA 
tot glucose hoger is en bovendien leidt dit tot een hogere TMEDA-selectiviteit aangezien de 
volledige omzetting van glucose het hoogste aantal, nl. zes, amineringen vereist. 
Het reactienetwerk van de reductieve aminolyse is complex en omvat heterogeen metaal 
gekatalyseerde, heterogeen zuur gekatalyseerde en homogeen gekatalyseerde reactiestappen, 
naast uitsluitend homogene degradatiereacties. In totaal werden er 22 parameters bepaald, 14 
hiervan corresponderen met de snelheidscoëfficiënten van de 7 reactiefamilies die beschouwd 
werden en 8 zijn gerelateerd aan de adsorptie-evenwichtscoëfficiënten. De 
parameterschattingen die verkregen werden na de regressie van het kinetisch model ten 
opzichte van de experimentele gegevens waren alle significant en binaire 
correlatiecoëfficiënten waren niet hoger dan 0.80, terwijl de regressie globaal significant was. 
Er werd aangetoond dat het inbouwen van een stikstofatoom in de koolhydraatmolecule leidt 
tot beduidend lagere activeringsenergieën voor de daaropvolgende retro-aldol knip en 
hydrogenering. De waargenomen amineringsnelheid in dit proefschrift bevindt zich in dezelfde 
grootteorde van eerder gerapporteerde amineringen, zoals de reductieve aminering van 
benzaldehyde met ammoniak. De verhouding van de hydrogeneringsnelheid tot de 
amineringsnelheid ligt eveneens binnen het typisch waargenomen bereik van 102 – 103. 
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De reductieve aminolyse van glucose behoort tot de zogeheten bimodale reactiesequenties, 
nl. reacties die zowel homogene bulkfase reactiestappen als heterogeen gekatalyseerde 
reactiestappen omvatten. De bijdragen van heterogeen gekatalyseerde en homogene bulkfase 
reacties tot de totale reactie werden geëvalueerd d.m.v. 1D reactorsimulaties van bimodale 
reactiesequenties met generische componenten. Zo werd b.v. het effect van de hoeveelheid 
katalysator op het productspectrum geëvalueerd. Heterogene productopbrengsten nemen in het 
algemeen toe met de gebruikte hoeveelheid katalysator terwijl de homogene productopbrengst 
een maximum vertoont als functie van de hoeveelheid katalysator. De positie van dit maximum 
hangt af van de specifieke reactiekinetiek en –thermodynamica. 
Het gedrag van bimodale reactiesequenties werd daarna geëxtrapoleerd naar 
driefasereactoren. De straallusreactor (jet loop reactor), met een lage katalysator-tot-
vloeistofverhouding, en de sijpelkolom (trickle bed reactor), met een hoge katalysator-tot-
vloeistofverhouding werden gesimuleerd voor een reactieschema, opnieuw met generische 
componenten, dat een vereenvoudigde versie van het schema dat de aminolyse van glucose 
voorstelt. Ondanks de vereenvoudigingen, slaagt dit schema er niettemin in de essentiële 
kenmerken van de aminolyse van glucose te reproduceren. Het homogene product wordt het 
meest gevormd in de straallusreactor en de grootste uitdaging in deze reactorconfiguratie is 
degradatie onderdrukken. In de sijpelkolom is gasvloeistof massaoverdracht de kritische factor. 
Hogere gasstroomsnelheden kunnen gebruikt worden om massaoverdrachtlimiteringen te 
bedwingen en leiden bijgevolg tot hogere opbrengsten van het heterogene product. Lagere 
gasstroomsnelheden leiden dan weer tot hogere selectiviteiten van het homogene product. Het 
onderdrukken van degradatie wordt dan opnieuw de grootste uitdaging. Deze inzichten werden 
geverifieerd door reactorsimulaties uit te voeren voor de reductieve aminolyse van glucose. In 
de straallusreactor was TMEDA, het homogene reactieproduct, inderdaad het hoofdproduct, 
met opbrengsten zoals experimenteel verkregen op laboschaal in de fed-batch reactor. In de 
sijpelkolom was TMEDA eveneens het hoofdproduct en kon de vorming van DMAE, het 
heterogene reactieproduct, niet bevorderd worden door het afstemmen van het voedingsdebiet 
van waterstof. Degradatie was ook zeer uitgesproken in de sijpelkolom, in het bijzonder 
wanneer gasvloeistof massaoverdracht limiterend is. In de reductieve aminolyse van glucose 
is de afvoer van de door reactie gegeneerde warmte eveneens een belangrijke uitdaging. In de 
straallusreactor is dit efficiënt en kan bijkomende degradatie vermeden worden. Dit staat in 
schril contrast met wat zich afspeelt in de sijpelkolom waar deze warmte niet efficiënt kan 
worden afgevoerd en een temperatuurstijging tot 18 K teweeg brengt. Dit leidt tot meer 
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uitgesproken degradatie wat uiteindelijk leidt tot een productverlies tot 20% in vergelijking 
met isotherm bedrijf van de reactor. De gesimuleerde productopbrengsten in de sijpelkolom 
werden geverifieerd op grote laboschaal en zowel simulatie als experiment resulteerden in een 
TMEDA opbrengst van 40%.
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Our present economy critically depends on fossil resources for the production of fuels and 
chemicals. Although predictions about when these resources will get depleted significantly 
differ from each other, there is a general consensus that alternatives need to be investigated 
sooner rather than later in the framework of sustainability and reduction of greenhouse gas 
emissions [1, 2]. In this respect biomass has gained significant attention in the last decade as it 
is a renewable, carbon containing feedstock and, hence, is inherently sustainable. 
Early efforts focused on sugarcane and corn, also denoted as first generation biomass. The 
corresponding biofuels, biodiesel and bioethanol, are still commercially produced today, 
despite the competition with the food industry. Later, second generation biomass such as 
lignocellulose has been investigated (and still is) as a source for biofuels and chemicals 
production [3]. Thermo- and biochemical conversion processes have been developed for the 
production of biofuels, bioethanol among others [4, 5]. Later, the research focus shifted to the 
production of (fine) chemicals from (ligno)cellulosic biomass. Some examples of applications 
of second generation biomass will be shown below. Third generation biomass, i.e. 
(micro)algae, are the topic of fundamental research for the production of biofuels [6]. In this 
work the focus will be on second generation biomass. 
1.1 Biomass as renewable resource for fine chemicals 
Lignocellulose, making up for more than 70% of the second generation biomass, comprises 
lignin (15-30%), hemicellulose (25-30%) and cellulose (35-50%) [7]. Lignin is the generic 
term used to describe the large group of aromatic polymers resulting from the oxidative 
combinatorial coupling of 4-hydroxyphenylpropanoids [8, 9]. Hemicellulose is a polymer of 
five different five-carbon and six-carbon sugars [10]. Cellulose, the most abundant fraction, is 
a homopolymer of glucose [10]. The current and potential applications of cellulosic biomass 
will be discussed in this section. Atom economy and conservation of the functionality of these 
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renewable sources are of key importance, as can be observed from the products discussed in 
the following sections, in biomass conversion processes to use the reactants to their full 
potential as well as to optimize the production costs [11-13].  
1.1.1 Cellulose depolymerization into sugars 
Glucose, a precursor for a variety of biofuels and biochemicals, can be obtained through 
cellulose hydrolysis. The latter is not a straightforward transformation and the search for an 
implementation combining a high conversion, a high glucose selectivity and large-scale 
applicability is a kind of holy grail in biomass valorization. The challenges originate from the 
chemical structure of cellulose, in which the glucose monomers are linked by β-1,4-glycosidic 
bonds, rendering cellulose very stable [10]. Enzymatic as well as chemical conversion 
processes have been developed for the conversion of cellulose to sugars. Biocatalysis using 
cellulases, a mixture of enzymes, is an example of the former where glucose yields from 
cellulose of up to 85% can be reached under mild conditions (< 353 K) [14]. No commercial 
implementation has been realized, however, because of several factors such as the need for an 
intensive pretreatment, the economics of the enzymes, the difficult separation of these enzymes 
from the final product mixtures, etc… [14]. Acid catalyzed hydrolysis offers a potential 
solution to these challenges, but has its own fallbacks related to the operating conditions. 
Especially the elevated temperature amounting at least to 493 K is a significant disadvantage 
as this may trigger glucose degradation. Sulfonated silica/carbon nanocomposites have been 
used as heterogeneous catalysts for cellulose conversion to glucose with yields up to 50% [15]. 
Nevertheless, to minimize product losses and post-processing, cellulose conversion processes 
directly aim at the commercial end products, or at least stable precursors thereof. Glucose 
conversion processes are, hence, preferably combined with processes such as hydrogenation, 
oxidation or hydrogenolysis to yield respectively C6 sugar alcohols, gluconic acid and ethylene 
glycol [16-19]. An example of such a one-pot system is the direct conversion of cellulose to 
hydrocarbons, which has been established with yields exceeding 80% over a ruthenium catalyst 
in the presence of tungstosilicic acid [20]. During the reaction cellulose is converted to glucose, 
which is subsequently converted to 5-hydroxymethylfurfural, and ultimately converted to 
alkanes through hydrogenation and hydrodeoxygenation reactions. The selective formation of 
5-hydroxymethylfurfural is discussed in the following discussion. 
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Figure 1-1: Chemicals derived from glucose [17] 
 
1.1.2 Glucose as a platform molecule for the production of 
renewable chemicals 
Various valuable products can be derived from glucose, see Figure 1-1. Bioethanol is a very 
attractive fuel since it can be used as such or be blended with existing fuels [21]. Although any 
agro-based economy could commercially exploit bioethanol production, its actual 
implementation is essentially restricted to Brazil and the United States, together accounting for 
70% of the global bioethanol production. Bioethanol is currently obtained through the 
enzymatic fermentation of glucose. The main challenges in this arise from the selection of the 
enzymes, which could possibly also be used to ferment other hexoses and pentoses, along with 
the removal of ethanol to prevent inhibition [22, 23].  
The other glucose conversion processes that will be discussed are, at least partially, 
heterogeneously catalysed. An example of such a process is the hydrogenation of glucose to 
sorbitol. The latter sugar alcohol is an important intermediate in the cosmetics, pharmaceuticals 
and chemicals industry. Liquid phase glucose hydrogenation is performed on Fe, Mo and Cr 
promoted Raney Ni catalysts, the latter two promoter elements giving rise to the best 
performance in terms of activity, selectivity and stability [24]. Alloying the Ni catalyst with B 
results in an enhanced activity that can be further increased by promotion with Mo or Cr [25]. 
The operation typically occurs at mild temperatures (373-403 K) and elevated pressures 
(4-5 MPa). The same reaction conditions were applied in the liquid phase hydrogenation of 
glucose on Pt nanoparticles, where it was shown that even more severe reaction conditions 
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( > 413 K) result in lower sorbitol yields due to the isomerisation of glucose to fructose and 
subsequent hydrogenation of the latter to mannitol, retro-aldol cleavages and polymerization 
reactions [26]. At even higher temperatures (453 K) and H2 pressures around 1.6 MPa Pt/AC 
exhibited a sorbitol selectivity of more than 90%, outperforming Ru/AC catalysts exhibiting a 
selectivity towards sorbitol around 55 – 90% [27]. 
Furan compounds are obtained from consecutive dehydrations of glucose. These 
transformations suffer from selectivity issues due to the lack of flexibility of the catalysts in 
terms of feed molecules that can be processed. Avoiding rehydration of 
5-hydroxymethylfurfural (5-HMF) to levulinic acid also tends to be difficult [28]. The 
reactions can proceed homogeneously but are facilitated by the use of acid catalysts [29, 30]. 
5-HMF is a key intermediate in the polymer industry, e.g. in the production of polyesters and 
polyurethanes. Levulinic acid can serve as a platform molecule in the production of, e.g. resins, 
herbicides and pharmaceuticals. 
Along the same lines a process using carbon-silica composite catalysts has been developed 
for the conversion of hexoses (and trioses) to lactic acid. The presence of both weak Brønsted 
acid sites, for the dehydration of glyceraldehyde, and Lewis acid sites, for the subsequent 
reaction with water, is the key to the success of this process [31]. 
Ethylene glycol serves as antifreeze agent and also as a building block in, e.g. cosmetics. 
Glucose can be converted into ethylene glycol through a sequence of acid catalyzed retro-aldol 
condensation and metal catalyzed hydrogenation reactions [32, 33]. The retro-aldol step is 
found to occur at temperatures exceeding 453 K [34]. Furthermore, during the heating of 
glucose under a hydrogen atmosphere in the presence of a metal catalyst a significant amount 
of sorbitol, which is stable and does not react any further, is formed. Therefore a 
semicontinuous reactor implementation resulted in enhanced ethylene glycol yields. 
Experimental, lab scale optimization of the retro-aldol transformation of glucose to erythrose 
and glycolaldehyde, and the subsequent retro-aldol transformation of erythrose to two 
glycolaldehyde molecules, always required severe reaction conditions ( > 473 K, > 6 MPa), at 
which glucose is susceptible to degradation [35, 36]. 
1.1.3 Biobased amines from cellulose derivatives 
The formation of alkylamines and aminoalcohols from renewable resources has gained more 
and more importance as amines have a very broad application area ranging from cosmetics to 
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the automotive and aerospace industry. Especially the formation of aminoalcohols from 
biomass is promising, since the alcohol function is already present in the starting product. In 
alternative biomass based processes such as gasification or bioethylene formation these 
functionalities are lost and, eventually, have to be reintroduced [37, 38]. 
1,4-butanediamine and 2-pyrollidone can be produced from glucose derivatives, but 
exploitation on the industrial scale is not economically viable [39]. Glucose is fermented to 
succinic acid in a first step. In a second step the latter is reductively aminated [40, 41]. The 
surfactant 5-methyl-N-alkyl-2-pyrrolidone can be formed with high atom efficiency from the 
subsequent amination and in-situ hydrogenation of levulinic acid over a ruthenium catalyst. 
The hydrogen in this process is obtained from formic acid, a byproduct in the production of 
levulinic acid from glucose [42]. 
The reductive amination of isomaltulose with n-dodecylamine leads to excellent surfactants 
[43]. A kinetic model has been proposed for this reaction making use of a simplified reaction 
network to quantify main and byproduct formation as a function of the operating conditions. 
Apart from the desired conversion steps, degradation reactions of the Maillard type, among 
others, significantly complicate the kinetic analysis. A catalyst screening showed that 
palladium is the best performing catalyst for reductive amination and that the amount of 
degradation products can be limited by decreasing the starting material concentration, 
temperature and pH [43, 44]. Despite these degradation reactions, the experimentally measured 
product concentrations over a palladium catalyst could be reproduced in a satisfactory manner 
using the mathematical model [45]. 
More biobased amine production pathways and applications were recently summarized and 
well described by Froidevaux et al. [46]. More recently, Pelckmans et al. [47] summarized the 
catalytic conversion of bio-derived reactants to amines. 
1.2 The reductive amination of aldehydes and alcohols 
The reductive amination of aldehydes dates back to the early 1900’s [48]. The reductive 
amination of aldehydes is closely related to that of alcohols since reaction networks for the 
reductive amination of alcohols suggest that metal catalyzed dehydrogenation of the alcohol to 
the aldehyde or ketone occurs as the initial step [49-51], see also Figure 1-2. The main reaction 
steps are the dehydrogenation of the alcohol to the aldehyde, the condensation of the aldehyde 
with the aminating agent, in this case ammonia, to the corresponding imine and hydrogenation 
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of the imine to the amine. Imine formation is only possible in the case of ammonia or primary 
amines as aminating agent, in case of secondary amines an enamine intermediate is formed, 
see below [52]. Consecutive reactions, where the aminated product acts as aminating agent, 
can lead to the formation of higher amines and reduce the selectivity towards the firstly formed 
aminated product and should be suppressed when this product is the desired amine [53]. An 
excess of aminating agent can be used to overcome consecutive aminations but may also lead 
to catalyst poisoning through nitride formation. This results in an activity decrease that can, 
however, be mitigated by adding hydrogen to the system [54]. Therefore optimum operating 
conditions have to be found for each application, i.e. towards primary, secondary or tertiary 
amines, considering that under reductive amination conditions nitride formation is prevented. 
 
Figure 1-2: Reaction steps for the catalytic amination of alcohols with 
ammonia, adapted from Bähn et al. [55] 
In case of diols, this sequence of reactions can be repeated after formation of the 
aminoalcohol to obtain the diamine, see Figure 1-3 for a schematic representation of the 
catalytic amination of ethylene glycol with dimethylamine. The formation of enamine 
intermediates, rather than imine intermediates, is also evidenced by this scheme. 
 
Figure 1-3: Reaction steps during the catalytic amination of ethylene glycol 
with dimethylamine, adapted from Runeberg et al. [52] 
The hydrogen to the aldehyde inlet molar ratio plays a crucial role. Compared to the 
amination of monofunctional alcohols where excess hydrogen is stoichiometrically not 
required and even inhibits the amination as it disfavours the alcohol dehydrogenation [56], an 
excess of hydrogen is beneficial in the reductive amination of polyols and required in the 
reductive amination of aldehydes [52]. Without excess hydrogen, unsaturated, thermally 
unstable, enamines are formed during the reductive amination. Figure 1-4 shows the selectivity 
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towards the enamine, aminoalcohol and diamine product in the reductive amination of ethylene 
glycol with dimethylamine as a function of the amount of hydrogen. 
 
Figure 1-4: Influence of the relative hydrogen concentration on the selectivity 
towards the diamine, aminoalcohol and enamine during the gas amination of 
ethylene glycol (C2H6O2) with dimethylamine (DMA) in a fixed bed reactor on 
a Cu/Al2O3 catalyst. T = 503 K, W/F = 6·104 kg s kmol-1, ptot = 0.1 MPa, 
yC2H6O2 = 0.1, yDMA = 0.3. Conversion of C2H6O2 amounts up to almost 100% 
for each value of yH2 [52]. 
The reductive amination of polyols on a metal catalyst occurs at temperatures between 
463 and 523 K. The aminoalcohol yield, see also Figure 1-5, exhibits a maximum at 503 K 
while the enamine and diamine yields monotonously decrease and increase, respectively, in the 
investigated temperature range.  
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Figure 1-5: Influence of the temperature on the conversion of ethylene glycol 
and product distribution in the amination of ethylene glycol with 
dimethylamine in a fixed bed reactor on a Cu/Al2O3 catalyst. 
Wcat/Ftot = 6·104 kg s kmol-1, ptot = 0.1 MPa, yC2H6O2 = 0.15, yDMA = 0.2, 
yH2 = 0.3 [52]. 
The total pressure effect on reductive amination reactions is not well documented. In general 
it is assumed that higher total pressures are not strictly necessary to obtain good yields in 
gas-solid reductive aminations [49]. Patent literature shows, however, that elevated pressures, 
such that hydrogen gets dissolved, suffice to establish efficient liquid phase aminations. 
Glucamine can be produced from the reductive amination of glucose with ammonia with 
selectivities amounting up to 90% at temperatures ranging from 323-373 K and total pressures 
amounting to 12 MPa [49]. When more severe hydrogenation conditions are applied 
ethanolamine and ethylenediamine are obtained. The latter fragmentation products evidence 
the presence of so-called aminolysis reactions [49].  
For reductive aminations several authors proposed reaction schemes that involve steps 
occurring in the homogeneous gas or liquid phase, such as the amination step, on the one hand 
and heterogeneously catalyzed reaction steps, such as the (de)hydrogenation step, on the other 
hand. When primary amines such as benzylamine are the desired end products, consecutive 
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homogeneous reactions consume the reaction product and, hence, contribute negatively to the 
selectivity [48, 53, 57]. 
1.3 Bimodal reaction sequences 
Chemical reactions that comprise a more or less pronounced contribution of homogeneous 
bulk phase reactions in addition to the desired heterogeneously catalyzed reaction steps, such 
as reductive amination, belong to the category of so-called bimodal reaction sequences [58]. 
Some, more or less well-known, bimodal reaction sequences are discussed below. 
In the catalytic fast pyrolysis of glucose homogeneous steps interfere with the desired 
heterogeneously catalyzed reaction steps. The yield of the targeted aromatic products increases 
as a function of the catalyst to glucose ratio while the carbon losses arising from coke formation 
correspondingly decrease [30]. A more elaborate analysis of the operating conditions effects 
on the detailed product spectrum has shown that small cracking products are favored by high 
catalyst to feed ratios while furan compounds require lower catalyst to feed ratios. Some 
product yields, such as of methylfuran, interestingly, exhibit an optimum as a function of the 
catalyst to feed ratio [59]. In this case, the contribution of the homogeneous reactions is positive 
to a certain extent, but excessive contributions are negative. 
Homogeneous reaction steps can also contribute positively to the overall reaction. A famous 
example is the oxidative coupling of methane where radicals are formed by methane activation 
on the catalyst surface and the coupling reactions to C2 species occur homogeneously in the 
gas phase [60]. For the latter bimodal reaction sequence reactor simulations have been 
performed and compared of empty tubular and fixed bed reactors, showing that 30% higher 
yields can be reached with a catalyst that has highly selective sites for methyl radical generation 
[58]. 
Similar investigations have been performed for the oxidative dehydrogenation of propane to 
propene [61]. It has been demonstrated via simulations that the combination of catalytic 
reaction steps with post-catalyst-bed homogeneous reactions results in higher propene yields 
compared to configurations exclusively featuring heterogeneous or homogeneous reactions 
[62].  
Hence, adequately combining heterogeneously catalyzed with homogeneous reactions, 
potentially, allows achieving synergetic effects. Via CFD simulations the extent of bulk phase 
chemistry to propane combustion in parallel-plate microreactors has been investigated [63]. 
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The spacing of the plates should be sufficiently narrow and the operating temperature should 
be kept sufficiently low to minimize homogeneous reactions in catalytic combustion, because 
they lead to flames which are detrimental for the catalyst lifetime. This is only possible at low 
feed rates as higher rates and, hence, a higher fuel input lead to higher temperatures, because 
of the exothermicity, and, eventually, homogeneous ignition. 
Industrially, various reactor configurations are employed for heterogeneously catalyzed 
gas-liquid reactions. A commonly utilized fixed bed reactor type for such reactions is the trickle 
bed reactor. These reactors are used in applications such as, e.g. hydrotreating and 
Fischer-Tropsch synthesis [64-67]. Homogeneous reactions are generally of limited relevance 
in this kind of reactor [64, 68]. Homogeneous bulk phase reactions involving heterogeneous 
catalysis are generally performed in slurry reactors with a lower catalyst-to-liquid ratio. A loop 
reactor is a typical example of such a reactor in which reactions are performed where high mass 
and/or heat transfer are required [69]. These advantages of loop reactors have, e.g. been 
exploited in the liquid phase polymerization of olefins with Ziegler-Natta catalysts [70, 71]. 
Reactor optimization has also been performed by The Dow Chemical Company in the 
heterogeneously catalyzed oxidation of N-phosphonomethyliminodiacetic acid (PMIDA) to 
glyphosate, N-phosphonomethylglycine (PMG). PMG, as well as the consecutively, 
heterogeneously catalyzed produced (aminomethyl)phosphonic acid (AMPA) are subject to 
homogeneous bulk phase methylation reactions. Short contact time fixed bed reactors 
maximize the extent of the heterogeneously catalyzed oxidations and, hence, the selectivity 
towards PMG. Also small catalyst particles were found to enhance the PMG selectivity. Larger 
catalyst particles result in diffusion limitations and, hence, more pronounced AMPA formation 
[72]. 
In processes solely involving heterogeneous catalysis, optimization of the catalyst properties 
and in particular of adsorption strengths results in enhanced product selectivities. The latter has 
already been the topic of numerous experimental and density functional theory (DFT) studies 
[73-76]. The selective acetylene hydrogenation to ethylene requires a high heat of adsorption 
of acetylene compared to that of ethylene. DFT studies have shown that adding Ag to a Pd 
catalyst increases the selectivity of acetylene hydrogenation to ethylene as the adsorption of 
the latter is weakened. Similarly, Ni-Zn catalysts are much more selective than pure Ni 
catalysts [76]. Lithium doping of Al catalysts has experimentally been shown to have beneficial 
effects on the hydrogen adsorption. The heat of adsorption is significantly enhanced because 
of the presence of lithium cations at or near the adsorption sites [77]. Catalyst properties can 
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also be optimized for bimodal reaction sequences to exploit heterogeneously catalyzed in 
relation to homogeneous bulk phase reactions. 
1.4 Scope and framework of the thesis 
This PhD thesis was performed within the framework of the Carboleum project, a 
collaboration between the industrial partners Eastman Chemical Company, Cargill and Ecover 
and the academic partners Ghent University, Katholieke Universiteit Leuven and VITO. The 
Carboleum project aimed at the development of an industrially viable route for the production 
of aminoalcohols from a renewable feedstock cellulose. The reaction route is also deemed to 
be inherently safer as the use of ethylene oxide and/or dichloroethane is avoided. 
The present thesis aims at identifying the key reactions involved in the aminolysis of glucose, 
model component for cellulose, by means of kinetic modeling. At present, this reaction is not 
yet commercially exploited. Therefore, it is interesting to assess the homogeneous and the 
heterogeneously catalyzed steps in glucose aminolysis in different competitive industrial 
reactor types. Two reactor models, with very distinct catalyst amounts are considered, i.e. a jet 
loop and a trickle bed reactor. 
After discussing the modeling and experimental procedures in Chapter 2, Chapter 3 discusses 
the experimental glucose aminolysis results obtained on laboratory scale. The challenges in 
measuring a dataset suitable for kinetic model construction is discussed first. Subsequently, an 
assessment of the interplay between homogeneous and heterogeneously catalyzed reactions is 
made based on observations in a (fed-) batch reactor. These data are subsequently used for the 
development of a kinetic model (Chapter 4) and scale-up to the industrial reactor models 
(Chapter 6). 
The kinetic model construction allows a more detailed quantification of the effects of the 
operating conditions on the glucose reductive aminolysis performance in terms of elementary 
steps, see Chapter 4. A thorough discussion of the reaction mechanism is followed by an 
elaborate assessment of the parameter estimates. 
In Chapter 5 the interplay between bulk phase homogeneous and heterogeneously catalyzed 
reactions is assessed in a theoretical manner. A bimodal reaction sequence with generic 
molecules is used to investigate the effect of the catalyst configuration, i.e. the catalyst amount 
and properties, on the product yields. Optimization of the interaction between homogeneous 
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and heterogeneously catalyzed reactions is not solely important for glucose aminolysis, but can 
be exploited in several other industrial processes. 
These insights are finally extended to large-scale reactors. A reactor type employing only a 
low catalyst amount, such as the jet loop reactor, is compared to a reactor type accommodating 
a high catalyst amount, such as the trickle bed reactor, see Chapter 6. Perspectives on how to 
exploit all discussed aspects to optimize the product spectrum by appropriately choosing and 
operating the reactor are ultimately presented in this chapter. Combined with the insights 
obtained in Chapter 4, a final outlook is made more specifically for the scale-up of glucose 
aminolysis. 
The general conclusions of this work are finally given in Chapter 7. Further ideas on how to 
continue with the application of applying aminolysis in renewables upgrading are also 
included. 
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This chapter elaborates on the procedures adopted in this thesis to acquire the experimental 
data, the methodology applied for assessing the kinetics through parameter estimation, the 
statistical tests applied to validate the corresponding models and the simulation of alternative, 
commercially relevant reactor configurations. The kinetic experiments on the reductive 
aminolysis of glucose with dimethylamine on a commercial Ni catalyst have been performed 
at the R&D laboratory of the Eastman Chemical Company in Ghent in a (fed-)batch reactor. 
The interpretation of these experimental results has led to the construction of a kinetic model, 
for which the kinetic parameters have been obtained through regression. Ultimately the kinetic 
model has been used for the simulation of 2 quite different large-scale reactors. In this respect, 
an accurate description of the thermodynamics is also required. 
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2.1 Experimental investigation of the reductive 
aminolysis of glucose with dimethylamine 
2.1.1 Reactor setup and configuration 
Kinetic experiments of the reductive aminolysis of glucose with dimethylamine (DMA) have 
been performed in a 1 l (1.0 × 10-3 m3) stainless steel batch reactor, see Figure 2-1 (a). 
Throughout the experimental campaign the reactor configuration has been modified to allow a 
fed-batch operation mode. The reasons behind these modifications are further elaborated in 
Chapter 3. The commercially available Ni KL6504K-P (60% Ni/SiO2) catalyst was acquired as 
a powder from CRI Catalyst Company. DMA was provided by Eastman Chemical Company 
and all other chemicals were used as available from commercial suppliers without further 
pretreatment or purification. 
 
Figure 2-1: (a) Experimental setup used in the investigation of the reductive 
aminolysis of glucose with DMA. (b) Schematic overview of the experimental 
setup. 
Figure 2-1 (b) shows a schematic representation of the batch reactor. Water, glucose and the 
catalyst are added before closing the reactor and connecting it to the DMA feed. The latter is 
stored as a liquid under its own vapor pressure and is admitted to the reactor by pressurizing 
the cylinder with helium. The DMA cylinder is placed on a balance to monitor the amount of 
dimethylamine that has been displaced to the reactor. In addition to the DMA line, also three 
gas lines, i.e., one for low pressure nitrogen, a second one for high pressure nitrogen and a last 
one for high pressure hydrogen, are connected to the reactor. Low pressure nitrogen is used for 
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flushing the reactor in order to remove oxygen prior to reaction. High pressure nitrogen is used 
to perform leak tests. Hydrogen is used as a reactant during the reductive aminolysis. 
All these lines are also connected to a venting section. The connection of the reactor with 
this venting section is separate from that of the DMA line with the venting section. All products 
are scrubbed with H2SO4 prior to venting. A pressure relief valve is also connected to this 
venting system. This is a safety measure to ensure that the pressure in the reactor does not 
exceed a threshold value of 8.4 MPa, which is determined by the characteristics of the setup 
and the maximum required operating pressure. 
The reactor is heated by means of a jacket with a built-in K-type thermocouple. Cooling can 
be applied thanks to an internal water cooling coil. A sampling tube allows taking samples 
during reaction, a filter is employed to ensure that the catalyst remains in the reactor. 
2.1.2 Start-up procedure 
Water, glucose and the catalyst are first added to the reactor before it is closed and connected 
to the rest of the setup. All valves, except the ones that are not connected to the pressure relief 
section are closed. Subsequently, the stirrer and its cooling are switched on. Before feeding 
DMA the reactor is evacuated and pressure tested. The former is done by flushing the reactor 
content three times, consecutively, with low pressure nitrogen while the pressure test is 
performed at 8.0 MPa with high pressure nitrogen. Subsequently, the reactor is flushed with 
hydrogen several times. Before heating the reactor, it is pressurized with hydrogen to 1.0 MPa 
to prevent catalyst deactivation during the heating phase. Subsequently DMA is fed to the 
reactor and the heating is effectively started. Upon reaching the final temperature hydrogen is 
fed up to the desired total pressure. Operating conditions are chosen such that the liquid volume 
amounts to 0.75 l (7.5 × 10-4 m3). 
2.1.3 Shutdown procedure 
After the reaction has finished, the heating is turned off and cooling is started via the internal 
water cooling system. When room temperature is reached, the remaining gases are vented from 
the reactor and most of the remaining DMA is removed by flushing the reactor with nitrogen 
three times. The reactor content is subsequently transferred to a sample bottle and special care 
is taken that the catalyst does not become dry. The reactor can then be cleaned with water and 
acetone. 
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2.1.4 Reaction mixture analysis 
Two independent and complementary gas chromatography (GC) analyses are performed to 
determine the composition of both the lighter and heavier end of the components contained in 
the liquid. The light end typically comprises a C2 fraction with components such as 
N,N-dimethylaminoethanol (DMAE) and N,N,N’,N’-tetramethylethylenediamine (TMEDA) 
while the heavy end typically consists of N,N-dimethylglucamine and N,N-dimethylamino-
1,2,3-butanetriol. The latter are subject to derivatization, as used for alcohol and amino groups 
in drug identification, prior to the actual analysis [1]. The derivatization mixture consists of 
acetic acid anhydride and pyridine in a 5/2 v/v ratio. The pyridine acts as a catalyst for the 
reaction between the acetic acid anhydride and the reaction mixture. In a GC vial 700 μl of the 
derivatization mixture is added and weighed. Consecutively, the vial is placed in an ice-bath 
and 100 μl of the reaction sample is added to the derivatization mixture. The vial needs to be 
placed in an ice-bath because the reaction is very exothermic. Again, the vial is weighed to 
know the amount of reaction sample added. To complete the derivatization procedure the GC 
vial is placed in an ultrasonic bath at 353 K for 30 minutes. Afterwards, the samples are cooled 
to room temperature and can then be analyzed by GC. An overview of the method parameters 
of the GC analyses is presented in Table 2-1. 
Table 2-1: Method parameters for the GC analyses 
Analysis Volatile components Derivatized components 




60 m x 0.32 mm x 5 µm 
Restek Rtx-1701 
30 m x 0.25 mm x 0.25 µm 
Carrier gas He, 2 ml/min He, 1.2 ml/min 
Oven 
temperature 
333 K (3 min) – 20 K/min – 
543 K (10 min) 
313 K (1 min) – 10 K/min – 
513 K (10 min) 
Detector FID, 543 K FID, 553 K 
2.1.5 Data processing 
The data as obtained from the GC analyses is converted to molar amounts as required for 
kinetic modeling purposes. Firstly, the carbon balance with respect to atoms originating from 
the original glucose molecule is verified. The corresponding weight percentages as obtained 
from the GC analyses are expressed in terms of carbon percent (C%) originating from glucose. 
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The components that are taken into account for determining this carbon balance are 
N,N-dimethylformamide (DMF), DMAE, TMEDA, erythritol, N,N-dimethylamino-1,2,3-
butanetriol, glucose and N,N-dimethylglucamine. As will be shown in Chapter 3 the carbon 
balance cannot be fully closed because of unavoidable degradation reactions. Hence, for the 
kinetic modeling performed in Chapter 4 the carbon balance is closed by assigning the missing 
percentage to (unidentified) degradation products. The molar composition of the product 
mixture is then calculated from these data.  
2.2 Definitions 
Experimental and simulation results are quantified in terms of reactant A conversion, product 










  [mol mol-1] (2-1) 
The selectivity towards product j is calculated using Eq. (2-2), where CNj represents the 


















 [mol mol-1] (2-2) 
The yield of product j obtained from reactant A is defined as the selectivity times the 















  [mol mol
-1] (2-3) 
In Eqs. (2-2) and (2-3) nj
0, j≠A, typically equals 0 as no products are co-fed. 
2.3 Reactor model equations 
Several reactor models are considered in this work, ranging from the fed-batch reactor on the 
laboratory scale to the ‘commercially relevant’ jet loop and fixed (trickle) bed reactors. The 
distinctive feature between the latter two reactors is the effective catalyst-to-liquid ratio, which 
is high for the trickle bed reactor and low for the jet loop reactor. Also in the batch reactors, 
the catalyst-to-liquid ratio is on the low side. All simulations were performed with in-house 
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developed FORTRAN codes. The integration of the sets of equations constituting the pseudo-
homogeneous reactor models is performed using an open-source code, DASPK, a differential-
algebraic equation solver available from Netlib [2]. 
2.3.1 Low catalyst-to-liquid ratio reactors 
2.3.1.1 Fed-batch reactor 
As mentioned before, the batch reactor has been modified into a fed-batch configuration as 
part of the experimentation, see also Chapter 3. The fed-batch reactor can be assumed to be 
isothermal at the set temperature such that a material balance suffices to simulate its 
performance. The molar amount of each component j present in the fed-batch reactor can be 
determined at every time t during the experiment by solving the differential equations (2-4) 






  [mol s-1] (2-4) 
With as initial condition: 
  00 jj ntn   [mol] (2-5) 
In Eq. (2-4) the flow rate Fj(t) represents the feed term which is only different from zero for 
glucose dissolved in water, and hydrogen. The net rate of formation Rj of each component j 
can be determined from the corresponding rate expressions, as shown in Chapter 4 for glucose 
reductive aminolysis.  
2.3.1.2 Jet-loop reactor 
Mass balance 
The jet-loop reactor consists of a reactor vessel and tubing, with a non-negligible volume as 
compared to the reactor vessel, in a recirculation loop, see also Figure 2-2. The liquid phase as 
present in the vessel is recycled at high flow rates through the loop and is intensely mixed with 
the gas while being reinjected into the reactor vessel.  
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Figure 2-2: Schematic representation of the jet loop reactor 
Overall, the jet loop reactor operates as a batch reactor, however, its adequate simulation 
requires to separately consider the various zones in this reactor set-up. The reactor is first 
loaded with all reactants as well as the catalyst. It is assumed that, during the jet loop reactor 
operation, the catalyst is completely wetted and recirculates along with the liquid phase through 
the loop, at the same flow rate. An amount of liquid used is such that the loop is completely 
filled with the liquid, and that sufficient liquid remains to occupy a significant volume fraction 
of the reactor vessel. During operation, the gas phase remains in the reactor vessel apart from 
the fraction that is dissolved in the liquid phase and, hence, recirculates through the loop with 
the liquid. For the purposes aimed at in this work the jet loop reactor is modeled making use 
of the scheme shown in Figure 2-3. Because the jet injectors used in these reactor types have 
high efficiencies and ensure the adequate dissolution of the gas in the liquid, the reactor vessel 
can best be represented as a continuous stirred tank reactor (CSTR) for which the mass balances 






  [mol s
-1] (2-6) 
With as initial condition: 
  00 jj ntn   [mol] (2-7) 
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While nj represents the total amount of j in the reactor vessel, i.e., in the gas and liquid phase, 
all other terms in Eq. (2-6) relate to the liquid phase. The gas phase remains in the reactor vessel 
and is simulated to be in thermodynamic equilibrium with the liquid phase owing to the reported 
high mixing efficiencies and correspondingly high mass transfer coefficients. The 
corresponding equation are shown in Section 2.5. 
 
Figure 2-3: Schematic representation of the jet loop reactor for modeling 
purposes 
The loop is modeled as a plug flow reactor (PFR) for which the corresponding mass balances 

















  [mol mr
-3 s-1] (2-8) 
The initial condition required for Eq. (2-8) expresses that the loop is completely filled with 
liquid and therein suspended catalyst, see Eq. (2-9). The boundary condition refers to the 
effluent of the reactor vessel as shown in Eq. (2-10). 
  00 jj CtC   [mol mL
-3] (2-9) 
  CSTR,jj CxC  0  [mol mL
-3] (2-10) 
Density changes, resulting in a velocity profile in the tubing, are captured using Eq. (2-11) 
expressing the total mass balance, an equation that has already been applied for, e.g., the 
modeling of loop polymerizations [3]:  














-3 s-1] (2-11) 
The superficial liquid velocity is obtained from the volumetric flow rate FV imposed by the 









-2 s-1] (2-12) 
Simulations have shown that the variation of the superficial liquid velocity resulting from 
density changes is very limited ( <<<1%) and this, hence, justifies that the superficial liquid 
velocity is brought in front of the differential operator in the right hand side in Eq. (2-8). 
Enthalpy balances 













  [W] (2-13) 
With as initial condition: 
  00 TtT   [K] (2-14) 
As was discussed earlier density and superficial velocity changes are very limited, such that 
the corresponding terms can be placed outside the differential operator in the left hand side of 
the equation.  
The enthalpy balance for the loop, represented as a PFR, is shown in Eq. (2-15): 
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     
 
  [W mr
-3] (2-15) 
The overall heat transfer coefficient, U, describes the heat exchange from the coolant tubes. 
Tcool is the temperature of the coolant. It is assumed that the efficiency of the heat exchange in 
the cooling tubes is such that the internal wall temperature equals Tcool. The cooling term only 
applies at the values of the axial coordinate in contact with the heat exchanger. The initial 
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condition required for Eq. (2-15) expresses the initial temperature, see Eq. (2-16). The boundary 
condition, again, stems from the effluent of the reactor vessel as shown in Eq. (2-17). 
  00 TtT   [K] (2-16) 
  CSTR,outTxT  0  [K] (2-17) 
The overall heat transfer coefficient, U in Eq. (2-15), is composed of three contributions, i.e., 
convective heat transfer at the reactor side, conductive heat transfer through the tube wall and 
convective heat transfer at the coolant side. As mentioned above, the resistance against the latter 





   [K mr
2 W-1] (2-18) 
The wall thickness, δ, amounts to 2.6 mm (2.6 × 10-3 m) and the thermal conductivity, λr, of 
the stainless steel tube wall to 17 W mr
-1 K-1. The convection coefficient can be determined 
from the correlation shown in Eq. (2-19) [5]. 
3180500270 /.DD PrRe.Nu   [ - ] (2-19) 























2.3.2 High catalyst-to-liquid ratio reactors 
The high catalyst-to-liquid ratio reactors, i.e., the fixed bed reactor and the trickle bed reactor 
are presented in this section. The time scale at which gas-liquid transfer occurs in the trickle 
bed reactor is the highest and, hence, modeling gas-liquid mass transfer is considered first. 
Since the simulated product spectrum could be experimentally reproduced, see Section 6.4.2.2, 
possible liquid-solid and internal mass transfer limitations were not considered as the 
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simulations were already computationally expensive. For the same reason, no mass transfer 
limitations were considered during the, liquid only, fixed bed reactor simulations. 
2.3.2.1 Fixed bed reactor 
The steady-state PFR equation is shown in Eq. (2-20). It is expressed in terms of the reactor 







  [mol mr
-3 s-1] (2-20) 
The inlet flow rates are the initial conditions required to solve this set of equations: 
  00 jrj FVF   [mol s-1] (2-21) 
This two-phase reactor is used for the isothermal simulations of bimodal reaction sequences 
to investigate how adsorption properties and the catalyst amount affect the product spectrum. 
2.3.2.2 Trickle bed reactor 
Mass balances 
The second high catalyst-to-liquid ratio reactor type considered in this thesis is a trickle bed 
reactor where gas and liquid continuously flow cocurrently over a fixed catalyst bed, see 
Figure 2-4. Continuous operation is considered, such that the steady-state mass balances for the 
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   [mol mr
-3 s-1] (2-23) 
With as initial conditions: 
  00 ,Gjr
G
j FVF   [mol s
-1] (2-24) 
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  00 ,Ljr
L
j FVF   [mol s
-1] (2-25) 
The right-hand side of Eq. (2-23), hence, has a term that accounts for interphase mass transfer 
and another one for the reaction. The latter relates to both homogeneous bulk liquid phase and 
heterogeneously catalyzed reactions. The coefficients Hj in Eqs. (2-22) and (2-23) are not true 
Henry coefficients, but rather represent the ratio of the equilibrium concentrations based on the 
calculated vapor-liquid equilibrium, see Section 2.5 for the description of the vapor-liquid 
equilibrium. 
 
Figure 2-4: Representation of the trickle bed reactor [6]. 
The catalyst pellets are assumed to be fully wetted in the range of investigated operating 
conditions based on the correlation of Gierman [7]. The gas- and liquid-side mass transfer 
coefficients are calculated at all axial positions based on the correlations of Wild and Sato 
respectively [8, 9]. The overall gas-liquid mass transfer coefficient is then calculated based on 
the two-film model [5]. Gas-liquid mass transfer calculations are elaborated on in Appendix A. 
In the full range of investigated operating conditions the trickle flow regime was verified by 
using the flow regime map of Fukushima and Kusaka and calculating the corresponding gas 
and liquid Reynolds numbers [10]. 
Enthalpy balance 
The enthalpy balance for the trickle bed reactor van be written as: 






















It is assumed that convective heat transfer at the coolant side and conductive heat transfer 
through the reactor tube are negligible compared to the convective heat transfer at the reactor 
side, such that: 
rU   [W mr
-2 K-1] (2-27) 
This convective heat transfer coefficient can be determined from the liquid phase Reynolds 
and Prandtl number [11]: 
31710120 /.DD PrRe.Nu   [ - ] (2-28) 
2.4 Kinetic modeling and statistical testing 
The reactor models as discussed in the previous section all require adequate expressions for 
the reaction kinetics. While such rate equations are developed as part of later chapters in this 
thesis, the methodology for determining adjustable parameters in these kinetic models is 
discussed here. In the kinetic model as employed in this thesis, the forward rate and adsorption 
equilibrium coefficients are expressed according to the Arrhenius and van ‘t Hoff relationship, 
in reparametrized form. This reparametrization is performed to reduce the statistical correlation 
between the activation energy/reaction enthalpy and the pre-exponential factor. It involves the 
rewriting of the coefficient as a function of the rate or equilibrium coefficient at the mean 
temperature kT,ave / KT,ave and the activation energy Ea / reaction enthalpy ΔrH as in Eq. (2-29) 





























  (2-29) 
A similar expression can be written down for the equilibrium coefficients. The reverse rate 
coefficients are determined from the corresponding forward rate coefficients and the 
thermodynamic equilibrium coefficients. 
For glucose aminolysis 22 adjustable model parameters, stemming from 4 adsorption 
equilibrium coefficients and 7 rate coefficients, each determined by two parameters to describe 
their temperature dependence as in Eq. (2-29), are estimated based on the minimization of the 
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weighted sum of squares of the residuals between the experimentally determined composition 
and the model simulated one as in Eq. (2-30). 












The weights wj tune the dependence of the SSQ on the various responses, such that good 
estimates can be obtained for most, if not all, of the parameters allowing to adequately 
reproduce the glucose conversion and main product selectivities. Parameter estimation is 
performed in a stage-wise manner. In the first stage an in-house developed software 
implementation of the Rosenbrock method is used to approach the solution [14]. The resulting 
parameter estimates are subsequently fine-tuned using the Levenberg-Marquardt algorithm, as 
available in ODRPACK [15]. Statistical testing was performed to verify the developed kinetic 
model. The individual significance of the model parameters βi was verified by confirming that 
zero is not included in the confidence interval of the parameter estimates bi: 
095   )b(s%)(t innni parrespexp  (2-31) 
The global significance of the regression is verified with an F test. The regression is deemed 
to be globally significant when the F value, see Eq. (2-32), exceeds the tabulated F value, 
meaning that the regression sum of squares significantly exceeds the residual sum of squares 









































Fundamental kinetic modeling and simulation of chemical reactors requires an accurate 
description of the thermodynamics. An essential part in the modeling of the reductive 
aminolysis of glucose is the description of the vapor-liquid equilibrium of the chemicals 
involved. The latter is achieved when the Gibbs free energy of the gas and the liquid phase are 
equal. This condition can also be expressed as the equality of the corresponding chemical 
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potentials or the corresponding vapor and liquid phase fugacities, provided that identical 




j ff   [ - ] (2-33) 




jj yx     (2-34) 
The composition can then be obtained from the expression of the vapor-liquid equilibrium 














   (2-35) 
The mixture volumes required for calculating the fugacity coefficients are determined using 
the Predictive Soave-Redlich-Kwong (PSRK) equation of state [17]. The activity coefficients 
were calculated using the group-additive UNIFAC model, which has been experimentally 
verified for mixtures containing water, hydrocarbons, alcohols and amines in the temperature 
range 275 – 400 K [18]. The molar fractions yj and xj can then be obtained by considering the 
mass balance for the distribution of component j over the gas and the liquid phase: 
jjj LxGyFz   [mol s
-1] (2-36) 
























   (2-38) 
Considering that both yj and xj sum up to 1 leads to: 


















    (2-39) 
Eq. (2-39) is the so called Rachford-Rice equation that needs to be solved for G/F iteratively 
until a physically valid solution, i.e. 0 ≤ G/F ≤ 1 is obtained [19, 20]. Using (2-37) and (2-38), 
respectively, the molar fractions of each component in the liquid and gas phase, xj and yj, can 
then be calculated. 
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From initial assessment to fundamental kinetic 
analysis of glucose aminolysis 
 
 
An experimental campaign on the reductive aminolysis of glucose with dimethylamine (DMA) 
has been performed in order to acquire data suitable for kinetic model development. An initial 
assessment was made using a batch reactor and allowed observing that 
N,N-dimethylaminoethanol (DMAE) formation starts before 
N,N,N’,N’-tetramethylethylenediamine (TMEDA) formation. Also, temperature management 
and the occurrence of side reactions during heating appeared to be critical. The operating 
procedure was optimized and feeding helium during reaction to maintain the total pressure 
showed promising results, yet unsatisfactory in terms of kinetic modeling. Therefore, a fed-
batch reactor configuration, in which the glucose reactant was fed only after the desired 
temperature is reached, was employed in the following range of operating conditions: 
temperatures between 383 K – 398 K, total pressures ranging from 6.0 MPa to 7.5 MPa, an 
overall catalyst to glucose ratio of 9 to 31 gcat mol
-1, an overall DMA to glucose ratio of 12 to 
24 mol mol-1 and an overall hydrogen to glucose ratio between 5 and 10 mol mol-1. Such a 
reactor configuration, combined with a controlled feeding rate of the sugar, allowed to 
significantly suppress degradation. The main desired products, i.e., DMAE and TMEDA, were 
obtained after amination followed by retro-aldol cleavage with maximum selectivities, 
amounting up to 15 mol% and 60 mol% respectively. 
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3.1 Overall reaction network 
A simplified reaction network representing the key intermediates and reaction products is 
shown in Figure 3-1. A retro-aldol cleavage is the essential step in the formation of smaller 
molecules from glucose. Each molecule shown on the left side in Figure 3-1 leads to the 
aminated product on the right. N,N-dimethylglucamine and N,N-dimethylamino-1,2,3-
butanetriol, i.e., the 2 top right compounds in the network are undesired end products, while 
the 2 bottom right compounds, i.e., DMAE and TMEDA, are the desired ones. Apart from 
these identified final products, also degradation products are observed arising from, e.g., 
thermal degradation, Maillard reactions,…[1, 2] A more elaborate version of this reaction 
network is discussed simultaneously with the kinetic model development in Chapter 4. 
 
Figure 3-1: Simplified reaction network for the reductive aminolysis of 
glucose with dimethylamine. Molecules with the same reactive moieties as the 
glucose feed molecule that are formed are shown below the feed molecule, the 
corresponding aminated product of each of these molecules is shown on the 
right. The horizontal arrows represent the reductive amination pathway, the 
full lines going downwards represent the retro-aldol cleavage. The dashed 
lines represent the formation and possible reaction paths for 
N,N-dimethylaminoethenol. The end products are (from top to bottom): 
N,N-dimethylglucamine, N,N-dimethylamino-1,2,3-butanetriol, 
N,N-dimethylaminoethanol (DMAE) and N,N,N’,N’-tetramethylethylene-
diamine (TMEDA). 
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3.2 Initial assessment of the glucose aminolysis kinetics 
The first assessment of the glucose aminolysis reaction has been performed in a batch reactor. 
These observations have allowed optimizing the set-up configuration and operating procedures 
with the ultimate goal of acquiring a dataset at ‘as close as possible’ to intrinsic kinetic 
conditions suitable for kinetic model development. The experimental conditions for the batch 
experiments are presented in Table 3-1. Although several effects occur simultaneously and, 
hence, isolated phenomena are very difficult to assess, some characteristic features can 
effectively be recognized in these data.  
Table 3-1: Operating conditions used for the initial assessment of the glucose 
reductive aminolysis with DMA in a batch reactor. The general operating 
conditions are presented first, followed by specific operating conditions for 
each set, separated with dashed lines. 
Condition Symbol Range Units 
Temperature T 383 – 398 K 
Total pressure ptot 4.0 – 7.5 MPa 
Glucose feed nglucose
0 0.3 – 0.5 mol 
Hydrogen to glucose ratio nH2/nglucose
0 1.5 – 7.5 mol mol-1 
DMA to glucose ratio nDMA/nglucose
0 9.0 – 15.0 mol mol-1 
Glucose concentration  500 gglucose/lH2O 
Catalyst mass3 Wcat 7.2 – 7.7 gcat 
Initial pressure4 p0 3.5 – 6.4 MPa 
Catalyst mass Wcat 3.5 gcat 
Initial pressure5 p0 4.5 – 6.4 MPa 
Catalyst mass Wcat 3.0 – 4.5 gcat 
 
3.2.1 1st set of experiments: two-stage hydrogen addition 
The first set of experiments is performed following the procedures described in Chapter 2. A 
two-stage hydrogen addition strategy was adopted to prevent overpressurization of the reactor 
vessel when establishing the desired total pressure prior to heating. First, hydrogen is fed to the 
reactor up to about 1 MPa of total pressure. Without this hydrogen addition, glucose 
                                                 
3 1st set of experiments 
4 2nd set of experiments, the initial pressure stems from both H2 and DMA 
5 3rd set of experiments, the initial pressure stems from both H2 and DMA 
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degradation reactions would be more pronounced. Subsequently DMA is fed. Prior to heating 
this results in a total pressure of about 2 MPa. Subsequently, the reactor vessel is heated to the 
desired temperature. As will be shown below glucose is converted during heating, therefore 
the batch time is considered to start (t = 0 s) when the heating is turned on. Finally, when the 
operating temperature is reached, the total pressure is brought to the desired set point via a 
second hydrogen addition. 
A blank experiment, i.e. without catalyst, was performed first. The total pressure remained 
stable after the second hydrogen addition, indicating that no hydrogen was consumed. The 
typical brown color of the reaction mixture indicates that undesired, homogeneous, reactions 
occurred. The latter is reflected in the final product spectrum where all glucose is converted to, 
almost exclusively, degradation products.  
During this 1st set of experiments several challenges were encountered. The heating rate was 
difficult to control particularly once the temperature reached 350 K, indicative of exothermic 
reactions occurring at such a temperature. A specific temperature effect was, hence, not 
investigated as part of this first series of experiments. The total pressure effect was, on the other 
hand, assessed and the results are shown in Figure 3-2. 
Glucose was reacting very fast, its conversion being already complete by the time the first 
sample was taken. Starting from 0.4 mol of glucose, about 0.08 mol of DMAE, one of the 
desired products, and about 0.14 mol of N,N-dimethylformamide (DMF), one of the identified 
degradation products, were formed at both total pressures. The corresponding selectivities 
towards DMAE and DMF are about 6% and exhibit a similar evolution with the total pressure. 
A more pronounced effect of the total pressure on the product yields is observed for TMEDA: 
at a higher total pressure of 7.5 MPa, 0.17 mol of TMEDA was formed while only 0.04 mol of 
TMEDA was formed at a total pressure of 6.0 MPa. The corresponding TMEDA selectivity 
amounts to 14% for a total pressure of 7.5 MPa while it was limited to 3% at a total pressure 
6.0 MPa. The main reason for this higher TMEDA selectivity at the higher total pressure is the 
enhanced hydrogen availability and, hence, the correspondingly higher hydrogenation rates. 
While the TMEDA and DMF selectivities have already reached their maximum values at the 
second sampling point, DMAE continues to be formed to an extent which is independent of 
the total pressure. The rapid formation of the maximum TMEDA amount is attributed to the 
pronounced formation of the enamine intermediate which, after hydrogenation, yields 
TMEDA, already before the second hydrogen addition. This intermediate is formed from the 
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one which would yield DMAE after hydrogenation. Due to the shortage in hydrogen prior to 
the second hydrogen addition, the enamine requiring hydrogenation to yield DMAE will rather 
transform into the one requiring hydrogenation to yield TMEDA. On the occasion of the second 
hydrogen addition the latter intermediates are rapidly hydrogenated into TMEDA, explaining 
why its formation boosts. After the second hydrogen addition, the intermediates requiring 
hydrogenation to yield DMAE have a higher chance to effectively be hydrogenated, explaining 
the steady increase in the DMAE formation. DMF appears to be subject to consecutive 
reactions, as evidenced from its decreasing molar amount at higher batch times. A significant 
temperature overshoot, stemming from the pronounced exothermicity of the amination and 
hydrogenation steps, can be observed, especially from Figure 3-2 (a). 
 
Figure 3-2: Molar amounts of DMAE, TMEDA and DMF (primary axis) and 
the temperature (secondary axis) as a function of the batch time for a total 
hydrogen pressure, after the second hydrogen addition, of 6.0 MPa (a) and of 
7.5 MPa (b) in a batch reactor on a commercial 60% Ni/SiO2 catalyst. 
Reaction conditions: Tset = 398 K, Wcat = 7.2 g, nglucose0 = 0.4 mol, 
nDMA/nglucose0 = 12.0 mol mol-1, Xglucose = 100% before the first sample could be 
taken.  DMAE,  TMEDA,  DMF,  Temperature. 
The above discussed data are not suited for kinetic model construction. The conditions at 
which they have been acquired, are not sufficiently well specified in terms of temperature and 
total pressure. The issues of two-stage hydrogen addition and the very high reactivity, 
particularly during the heating stage, are addressed in a 2nd set of experiments. 
3.2.2 2nd set of experiments: one-stage hydrogen addition 
Two improvements are made in this set of experiments to enhance the intrinsic character of 
the data for the purpose of kinetic modeling. The two-stage hydrogen addition is replaced by a 
one-stage hydrogen addition. As a result, the initial pressure had to be determined by trial and 
error as some of the hydrogen reacts during the heating stage. Second, attempting to decrease 
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the total reactivity the catalyst mass has been halved during this set of experiments compared 
to the 1st set. 
Some example product distributions as a function of the batch time for this second series of 
experiments are shown in Figure 3-3. A low initial total pressure p0, i.e. before heating, of 
3.5 MPa, see Figure 3-3 (a), leads to a lower amount of TMEDA compared to a higher initial 
total pressure, while the produced amounts of DMAE and DMF are very similar. This is in 
accordance with what has been observed in the first set of experiments. Consecutive reactions 
from DMF are evidenced again from the decrease of the molar amount of DMF, particularly in 
Figure 3-3 (b) and (c). Comparison of, e.g., Figure 3-3 (c) and Figure 3-2 (a) shows that the 
one-stage hydrogen addition is beneficial towards the overall yields, especially the TMEDA 
yield is increased from around 10% to 33%. 
 
Figure 3-3: Molar amounts of DMAE, TMEDA and DMF (primary axis) and 
the temperature (secondary axis) as a function of the batch time in a batch 
reactor on a commercial 60% Ni/SiO2 catalyst. Reaction conditions: 
Tset = 398 K, Wcat = 3.5 g, nglucose0 = 0.4 mol, nDMA/nglucose0 = 12.0 mol mol-1. (a) 
p0 = 3.5 MPa, (b) p0 = 6.1 MPa, (c) p0 = 6.3 MPa.  DMAE,  TMEDA, 
 DMF,  Temperature. 
From these experiments it is clear that degradation is suppressed, but the exact origin of these 
product losses remains unclear. Therefore, samples have also been taken at low glucose 
conversion during the heating stage in this 2nd set of experiments. The latter is to obtain an 
impression of the initial products formed and, hence, which reactions proceed during the 
heating stage. The selectivity towards DMAE, TMEDA and DMF at low conversion during the 
2nd set of experiments is shown in Figure 3-4. It can be directly observed that no TMEDA is 
formed in the earliest stages of the heating stage while most of the DMF is already formed in 
this stage. Undesired reactions are, hence, not only a consequence of poor temperature control 
but also of reactions during the non-negligible time of heating to the desired reaction 
temperature. It also shows that, at these conditions, DMAE formation starts prior to TMEDA 
formation. This can again be explained by the probability of the enamine intermediate requiring 
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hydrogenation to yield DMAE effectively being hydrogenated to DMAE rather than further 
reacting towards the intermediate that can be hydrogenated to TMEDA. 
 
Figure 3-4: Selectivity towards DMAE, TMEDA and DMF at low conversion 
of glucose in a batch reactor on a commercial 60% Ni/SiO2 catalyst. 
Wcat = 3.5 g, nglucose0 = 0.4 mol, nDMA/nglucose0 = 12.0 mol mol-1. (a) t = 480 s, 
XGlucose = 12%, Tsample = 353 K, p0 = 3.5 MPa, (b) t = 1020 s, XGlucose = 16%, 
Tsample = 360 K, p0 = 4.1 MPa, (c) t = 900 s, XGlucose = 9%, Tsample = 360 K, 
p0 = 4.8 MPa.  DMAE,  TMEDA,  DMF. 
More detailed information about the aminolysis reaction was obtained from this set of 
experiments. The TMEDA yield increased from 12% in the 1st set to 33% in the 2nd set of 
experiments despite the use of a lower amount of heterogeneous catalyst. Nevertheless, the data 
are still considered not to be suitable for kinetic model construction. Especially the total 
pressure and operating temperature are still subject to too significant variations to allow a proper 
model construction. In the 3rd and final set of batch experiments a last modification is proposed 
to enhance the temperature control and address the issue of a varying total pressure during 
reaction. 
3.2.3 3rd set of experiments set: decoupling the total pressure 
effect from that of the amount of hydrogen 
In the 2nd set of experiments it was demonstrated how varying amounts of hydrogen admitted 
to the reactor significantly impact the product spectrum. In an attempt to decouple the total 
pressure (ptot) effect from that of the amount of hydrogen (p
0), a helium supply line was 
connected to the reactor. In this section the effect of the molar DMA to glucose ratio as well as 
the decoupled effect of total pressure and hydrogen to glucose ratio on the product spectrum 
are discussed.  
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The effect of the inlet molar DMA to glucose ratio, (nDMA/nGlucose
0) on the product spectrum 
in glucose reductive aminolysis has been assessed in the range from 9:1 to 15:1. During these 
experiments the feed was varied such that the initial liquid volume and the ratio of the catalyst 
to glucose remained constant. The corresponding product yields are shown in Figure 3-5. It can 
be clearly seen that the DMAE yield slightly increases with nDMA/nGlucose
0, from 2% to 5%, 
while a more significant increase, from 11% to 36%, is observed for the TMEDA yield when 
the DMA to glucose ratio varies from 9:1 to 15:1. The DMF yield remains unchanged at varying 
nDMA/nGlucose
0 at 15%. 
 
Figure 3-5: Yield of DMAE, TMEDA and DMF in the reductive aminolysis of 
glucose in a batch reactor on a commercial 60% Ni/SiO2 catalyst. All reactions 
were performed with p0 = 4.5 MPa, ptot = 7.5 MPa, Tset = 398 K. (9:1) 
nglucose0 = 0.50 mol, Wcat = 4.5 g, t = 4860 s, (12:1) nglucose0 = 0.40 mol, 
Wcat = 3.6 g, t = 4320 s, (15:1) nglucose0 = 0.32 mol, Wcat = 3.0 g, t = 5760 s. 
 DMAE,  TMEDA,  DMF. 
An evolution of the glucose conversion and product yields as a function of the batch time is 
presented in Figure 3-6 for an experiment at high total pressure, i.e., 7.0 MPa. It can be clearly 
seen that the onset of retro-aldol cleavage reactions, as evidenced by the formation of DMAE 
and TMEDA is around 375 – 380 K. Before this temperature is reached a significant amount 
of glucose is already converted, mainly to degradation products. It can also be seen from 
Figure 3-6 that temperature control is enhanced by the stability of the temperature once 398 K 
has been reached. 
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Figure 3-6: Molar amounts of DMAE, TMEDA and glucose (primary axis) 
and the temperature (secondary axis) as a function of the batch time in a batch 
reactor on a commercial 60% Ni/SiO2 catalyst. Reaction conditions: 
p0 = 6.4 MPa, ptot = 7.0 MPa, Wcat = 4.4 g, nglucose0 = 0.47 mol, 
nDMA/nglucose0 = 10.0 mol mol-1.  DMAE,  TMEDA,  Glucose, 
 Temperature. 
The decoupled effect of the total pressure (ptot) and the pressure after hydrogen addition (p
0) 
is shown in Figure 3-7. Increasing the total pressure from 6.0 MPa (Figure 3-7 (a)) to 7.5 MPa 
(Figure 3-7 (b)), while keeping the initial hydrogen pressure at 4.5 MPa, results in a slight 
increase of the TMEDA yield from 18% to 20%, while the DMAE and DMF yield remain 3% 
and about 15%. When the initial hydrogen pressure is increased to 6.2 MPa (Figure 3-7 (c)) the 
TMEDA and DMAE yield increase to 27% and 5%, respectively. DMF formation is also 
reduced from 15% to 12%. These findings show that increasing the total pressure has a 
beneficial effect on the glucose reductive aminolysis, but that it is not as pronounced as 
increasing the amount of hydrogen. Despite all the modifications and improvements in the 
setup and operating procedures the data the mass balance can still only be closed for 60% and, 
hence, further setup optimizations are necessary. 
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Figure 3-7: Yield of DMAE, TMEDA and DMF in the reductive aminolysis of 
glucose in a batch reactor on a commercial 60% Ni/SiO2 catalyst. Reaction 
conditions: T = 398 K, Wcat = 3.6 g, nglucose0 = 0.40 mol, 
nDMA/nglucose0 = 12.0 mol mol-1. (a) p0 = 4.5 MPa, ptot = 6.0 MPa, t = 4260 s, (b) 
p0 = 4.5 MPa, ptot = 7.5 MPa, t = 4320 s, (c) p0 = 6.2 MPa, ptot = 7.0 MPa, 
t = 4080 s.  DMAE,  TMEDA,  DMF. 
3.2.4 Conclusions 
Various improvements to obtain experimental data suitable for kinetic model construction 
have been made to the batch reactor set-up and its operating procedures. It was observed that a 
lower catalyst mass and the introduction of helium to maintain the total pressure were beneficial 
to achieve a better temperature control. The maximum TMEDA selectivity was increased from 
28% to 36%. However, a significant amount of reactant glucose is already converted to 
degradation products during the heating stage and the carbon balance, based on glucose, could 
only be closed for 60% in the most successful experiments. Therefore, further set-up 
modifications have been performed, allowing to avoid reactant conversion during the heating 
stage. In this way two improvements, namely a reduced formation of degradation products and 
a better specified operating temperature, are achieved in the pursuit of data acquisition suitable 
for kinetic model construction. 
3.3 Fed-batch reactor experimentation 
In order to mitigate the issues discussed in the previous sections and acquire kinetics as close 
as possible to the intrinsic kinetics regime, a fed-batch reactor configuration was employed in 
which glucose was only admitted to the reactor after the latter has reached the desired operating 
conditions. In this manner, the actual glucose concentration is kept sufficiently low such that 
temperature excursions and, hence, degradation reactions are maximally avoided. Additionally, 
the total pressure is, in this configuration, maintained using fresh hydrogen instead of helium, 
as this is beneficial for the formation of the final, desired products. These are, effectively, only 
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obtained after a hydrogenation step, see also Chapter 4 for a detailed reaction network. The 
operating conditions for this set of experiments are reported in Table 3-2. 
Table 3-2: Summary of the experimental conditions of the fed-batch reductive 
aminolysis of glucose with DMA. 
Condition Symbol Range Units 
Catalyst mass Wcat 2.9 – 7.4 gcat 
Temperature T 383 – 398 K 
Pressure P 6.0 – 7.5 MPa 
Glucose feed6 nglucose
0 0.2 – 0.4 mol 
Hydrogen to glucose ratio nH2/nglucose
0 4.7 – 9.6 mol mol-1 
DMA to glucose ratio nDMA/nglucose
0 11.9 – 23.6 mol mol-1 
Glucose concentration  500 gglucose/lH2O 
3.3.1 Experimental procedure 
Each experiment starts with the loading of the catalyst suspended in water into the reactor 
vessel. Next, the stirrer is started and the desired amount of DMA is charged to the reactor. 
DMA, present in a separate vessel as a liquid under its own vapor pressure, is pressurized using 
helium and introduced into the reactor, leading to a pressure increase of ± 0.2 MPa. 
Subsequently, the vessel is heated up to the reaction temperature, resulting in an additional 
pressure increase of ± 2 MPa. When the desired temperature is reached the desired total pressure 
is built up using hydrogen. The internal cooling circuit ensures that the set temperature can be 
maintained during reaction in this configuration. Finally, the glucose solution is pumped into 
the reactor by means of a HPLC pump. The amount of glucose fed is such that a finite time t0, 
ranging from 1200 to 5100 s, is required for feeding all desired glucose into the reactor. The 
hydrogen consumption throughout the experiment is monitored by adding fresh hydrogen to 
maintain the total reactor pressure. ± 5400 s after t0 the hydrogen consumption stops, indicating 
that no further conversion is taking place in the reactor and that only final reaction products 
remain. Starting at t0 samples are taken every 900 s. 
The absence of possible mass transfer limitations was verified by calculating the 
corresponding criteria for the most severe operating conditions. The most crucial 
heterogeneously catalyzed reaction is the hydrogenation of the enamine that can be 
                                                 
6 Fglucose varies between 5 x 10-5 and 3 x 10-4 mol s-1, n0 is the total amount of glucose fed. 
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hydrogenated to DMAE (see Chapter 4). The Carberry number for gas-liquid and liquid-solid 
mass transfer was calculated using the rate of this step in a conservative way, i.e. where all 
glucose is converted instantaneously to three of these enamine species. The Carberry number 
corresponding to H2 mass transfer from gas to liquid amounts to 0.028 and the Carberry number 
corresponding to liquid-solid mass transfer, which is more critical for the enamine than for H2, 
amounts to 0.035, which both are well below the limit of 0.05 [3, 4]. Possible heat transfer 
effects were investigated by the Mears criteria [5]. Internal and external temperature gradients 
amount to 0.004 and 0.04K respectively, which are sufficiently smaller than the criterion 
equivalent with a 5% deviation of the observed reaction rate. Temperature control on the reactor 
scale is the most critical phenomenon in this process. The maximal thermal power produced by 
reaction exothermicity is 145 W, which can be removed using the internal cooling circuit, such 
that isothermicity on the reactor scale can be ensured. A more elaborate assessment of these 
criteria is included in Appendix B. 
3.3.2 Effects of reaction conditions 
The effects of varying temperature, total pressure, catalyst to glucose ratio, aminating agent 
to glucose ratio, and feed rate of the glucose solution have been investigated to assess their 
impact on the reductive aminolysis of glucose with DMA. Due to the complex chemistry 
involved, the experimental observations, still, reflect ‘combined effects’ of varying operating 
conditions rather than clearly isolated effects of a varying condition on the product spectrum. 
Nevertheless, quite relevant information could be retrieved from this experimentation which 
proved to be useful for kinetic model construction and assessment, see Chapter 4. During this 
set of experiments the carbon balance, based on the carbon atoms from the reactant glucose, 
could be closed for 75% to 93% in every experiment, with a single exception for the experiment 
where the catalyst to glucose ratio was the lowest and degradation reactions were most 
prominent. Such carbon balances constitute a significant improvement compared to the three 
sets of batch experiments described in Section 3.2. Evolutions of the glucose conversion and 
product yields as a function of the batch time of this set of fed-batch experiments are presented 
in Chapter 4, along with their model simulated values. DMF formation could be significantly 
suppressed in this set of experiments with a selectivity in the range of 1% to 4% while it 
amounted to at least 10% during the batch experimentation. It nicely illustrates the 
improvements reached with the fed-batch reactor configuration as compared to the original one 
for avoiding the degradation step involved in the formation of DMF. The TMEDA and DMAE 
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yields discussed in the following subsections are presented in Figure 3-8, the results labeled as 
(a) being the reference. 
 
Figure 3-8: DMAE and TMEDA yields in the reductive aminolysis of glucose 
in a fed-batch reactor on a commercial 60% Ni/SiO2 catalyst. Reaction 
conditions: (a) T = 398 K, ptot = 7.5 MPa, Wcat = 3.6 g, nglucose0 = 0.4 mol, 
nDMA/nglucose0 = 12.0 mol mol-1, t0 = 3900 s, t = 6300 s, (b) T = 383 K, 
ptot = 7.5 MPa, Wcat = 3.6 g, nglucose0 = 0.4 mol, nDMA/nglucose0 = 12.0 mol mol-1, 
t0 = 1860 s, t = 4560 s, (c) T = 398 K, ptot = 6.0 MPa, Wcat = 4.0 g, 
nglucose0 = 0.4 mol, nDMA/nglucose0 = 11.9 mol mol-1, t0 = 1200 s, t = 4800 s, (d) 
T = 398 K, ptot = 7.5 MPa, Wcat = 7.4 g, nglucose0 = 0.2 mol, 
nDMA/nglucose0 = 19.3 mol mol-1, t0 = 5100 s, t = 7800 s, (e) T = 398 K, 
ptot = 7.5 MPa, Wcat = 3.6 g, nglucose0 = 0.4 mol, nDMA/nglucose0 = 15.6 mol mol-1, 
t0 = 1480 s, t = 5240 s.  DMAE,  TMEDA. 
3.3.2.1 Temperature 
Higher temperatures have shown to enhance the glucose conversion. This is evident from the 
still measurable glucose concentrations in the experiments at 383 K in the samples after t0 
whereas at 398 K glucose concentrations were always below the detection limit in the samples 
after t0. This indicates that the initial condensation between the sugar and the DMA has a high 
activation energy. Higher temperatures also enhance the selectivity towards TMEDA, see 
Figure 3-8 (b) for the product yields at a lower temperature of 383 K, while that towards 
N,N-dimethylglucamine is significantly suppressed. This is an indication that the retro-aldol 
cleavage has a higher activation energy than the hydrogenation step, see also Chapter 4 for the 
detailed reaction network.  
3.3.2.2 Total pressure 
The total pressure effect is not very pronounced. The selectivity towards TMEDA slightly 
decreases at a lower total pressure as the hydrogen solubility is correspondingly decreased, see 
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Figure 3-8 (c) for the product yields at a lower total pressure of 6.0 MPa. The importance of 
degradation reactions is increased at lower total pressures as more DMA is present in the gas 
phase and correspondingly the liquid phase glucose concentration is higher. 
3.3.2.3 Catalyst to glucose ratio 
When the catalyst to glucose ratio is increased the selectivity towards 
N,N-dimethylglucamine and N,N-dimethylamino-1,2,3-butanetriol is significantly enhanced. 
The selectivity towards TMEDA correspondingly decreases as can be seen from Figure 3-8 
(d). The selectivity towards degradation products is also decreased. The latter indicates that the 
catalyst to glucose ratio is the handle to tune the hydrogenation capacity. A high catalyst to 
glucose ratio results in longer chain hydrogenation products such as N,N-dimethylglucamine 
while a lower ratio favors the retro-aldol cleavage products. A minimum catalyst to glucose 
ratio is required, however, because the degradation reactions become more prominent with 
lower amounts catalyst being present. 
In the investigated range of operating conditions, higher selectivities of hydrogenated end 
products were obtained with higher catalyst to glucose ratios, amounting to up to maximum 
15% and 60% for DMAE and TMEDA respectively. 
3.3.2.4 DMA to glucose ratio 
Increasing the ratio of the aminating agent, e.g. DMA, to glucose enhances the selectivity 
towards TMEDA, see Figure 3-8 (e). The latter is immediately evident from the reaction 
network as a higher initial DMA to glucose ratio will ensure a higher DMA availability at a 
similar glucose conversion and, hence, a higher probability for the consecutive amination 
reactions in the network to effectively occur. A complete conversion of glucose to TMEDA 
requires six DMA molecules per glucose molecule while only three are necessary for DMAE 
formation, and one for both N,N-dimethylglucamine and N,N-dimethylamino-1,2,3-
butanetriol.  
3.3.2.5 Glucose feed rate 
A lower feed rate of the glucose solution into the reactor results in a higher selectivity 
towards N,N-dimethylglucamine and N,N-dimethylamino-1,2,3-butanetriol. The glucose feed 
rate effect is equivalent to that of increasing the catalyst to glucose ratio, because by decreasing 
the glucose feed rate the actual catalyst to glucose ratio is higher and can also be seen from 
Figure 3-8 (c). 
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3.3.3 Conclusions 
Employing a fed-batch configuration for the reductive aminolysis of glucose with DMA has 
led to an increase in the carbon balance to at least 75%. The experiments could be performed 
at conditions where mass and heat transfer are not limiting. Higher temperatures and higher 
DMA to glucose ratios enhance the TMEDA yield. A higher catalyst to glucose ratio and, 
equivalently, a lower glucose feed rate results in less degradation but also higher amounts of 
N,N-dimethylglucamine and N,N-dimethylamino-1,2,3-butanetriol. The effect of varying the 
total pressure is not very pronounced. 
3.4 Robinson-Mahoney reactor experimentation 
In an attempt to reach so-called ‘intrinsic kinetics’ even more closely, some preliminary 
experiments have also been performed in a Robinson-Mahoney reactor set-up, which is 
constructed around perfectly mixed CSTR equipped with a fixed catalyst basket. This reactor 
type has recently been described and used with success for acquiring intrinsic kinetics [6]. 
During the preliminary experimentation in the Robinson-Mahoney reactor as part of this PhD 
thesis, the glucose conversion was (intentionally) not complete to effectively assess the glucose 
conversion rate. Since the sampling in this set-up only occurs at a point relatively remote from 
the reactor, consecutive and degradation reactions always occurred to a significant extent. 
Indeed, the reactor effluent leaves the reactor via a downcomer and passes through a separation 
section afterwards. By the time the reactor effluent reaches the reservoir where samples can be 
taken, homogeneous degradation reactions have already occurred. Considering the overall 
adequacy of the kinetic model constructed based on the fed-batch experimental data, see 
Chapter 4, the challenges to be addressed to acquire intrinsic glucose aminolysis kinetics with 
the Robinson-Mahoney reactor set-up were considered to go beyond the scope of this work. 
3.5 Conclusions 
A batch reactor has been modified into a fed-batch reactor set-up and the operating procedure 
for performing experiments of the reductive aminolysis of glucose with DMA has been 
optimized to obtain experimental data suitable for kinetic modeling. Carbon balances, based on 
the carbon atoms from the reactant glucose, increased from 60% to more than 75%. Higher 
maximum product selectivities, amounting to 15% and 60% for DMAE and TMEDA 
respectively, were obtained. Degradation products explain the remaining percentages. It was 
observed that under the experimentally applied conditions these products are stable and not 
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susceptible to further degradation. The higher carbon balances are a direct consequence from 
the reduction of the extent of degradation. The importance of hydrogenation was pointed out 
by higher product selectivities at a higher total pressure and higher catalyst amounts. 
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A statistically significant and physically meaningful kinetic model was constructed for the 
reductive aminolysis of glucose with dimethylamine (DMA) as aminating agent. The 
developed kinetic model is based on the most prominent homogeneous bulk phase and 
heterogeneously catalyzed reactions and quantitatively accounts for degradation. The model 
succeeds in accurately reproducing the experimental observations. After amination, retro-aldol 
cleavage reactions are less activated by 60 kJ mol-1 compared to without prior amination and, 
hence, proceed more easily at temperatures in the range of 383 to 393 K. A higher catalyst to 
glucose ratio yields more (hydrogenated) side products such as N,N-dimethylglucamine and 
N,N-dimethylamino-1,2,3-butanetriol. The effects of the total pressure and the ratio of the 
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4.1 Introduction 
The experimental observations as discussed in Chapter 3 are quantified in terms of a kinetic 
model for the reductive aminolysis of glucose with DMA. Therefore, a more elaborate reaction 
network is presented and discussed first. More specifically, attention is paid to the locus of the 
different reactions and which type of catalysis applies, if any, for each of the reactions 
considered. Subsequently, the kinetic model parameters are determined by regression against 
the experimental data in the temperature range of 383 K – 398 K. The results are interpreted 
and discussed on a statistical as well as a physico-chemical basis. This framework also 
constitutes the basis for the more generic reaction networks as considered in Chapters 5 and 6.  
4.2 Reaction network 
The more elaborate glucose aminolysis reaction network, employing DMA as aminating 
agent, that has been used for kinetic model development is presented in Figure 4-1. It comprises 
the essential reaction steps to understand the formation of the desired products, i.e., 
N,N-dimethylaminoethanol (DMAE) and N,N,N’,N’-tetramethylethylenediamine (TMEDA), 
the hydrogenated side products and the components susceptible to degradation. 
This reaction network entails both heterogeneously catalyzed as well as homogeneous bulk 
phase reactions. Experiments without heterogeneous catalyst as well as DFT calculations 
provided further inspiration for this reaction mechanism [1, 2]. In the experiment without 
heterogeneous catalyst 100% glucose conversion to, almost exclusively, degradation products 
was obtained. This indicated that the degradation reactions are homogeneous. The 
condensation of glucose with DMA (r1) to the hemi-aminal species is a bulk phase reaction, 
which is homogeneously catalyzed by DMA. Among the subsequent reactions, i.e., the 
dehydration of the latter hemi-aminal to an iminium ion (r2), the rearrangement of the iminium 
ion to the enamine (r3), the retro-aldol cleavage of the iminium ion (r4) and the hydrogenation 
of the enamine (r5) at least one step benefits from the presence of the heterogeneous catalyst. 
The PSSA is applied to the reactive iminium ion (grey in Figure 4-1). Alternative structures of 
this ion, e.g., intramolecularly generated, complementary to the one obtained after 
heterogeneous protonation and dehydration as proposed here, may exist [1, 2]. The impact of 
the exact structure of the iminium ion is limited for the practical (mathematical) purposes of 
the present modeling effort. 
 
Chapter 4: Kinetics of the Reductive Aminolysis of Glucose with Dimethylamine in terms of 
Homogeneous and Heterogeneous Reactions 
55 
 
Figure 4-1: Reaction network involved in the reductive aminolysis of glucose 
with dimethylamine. The molecules shown in full lined boxes are of the same 
type as the feed molecule and are subject to reactions belonging to the same 
families. The molecule shown in the dashed lined boxes is exactly the same, 
N,N-dimethylaminoethenol, and can be formed in various ways. The 
molecules marked by an ° are susceptible to degradation. The species 
indicated in grey are reactive intermediates which will only be present in small 
quantities. Reactions marked in yellow are homogeneously catalysed, 
reactions marked in blue are heterogeneously acid catalysed and the reactions 
marked in red are heterogeneously metal catalysed. The corresponding rate 
equations are shown in Eq. (4-7) and Eqs. (4-10) – (4-15). 
The catalyst is considered to host two types of catalytic sites where the different compounds 
can adsorb and react. Hydrogen adsorbs on one type of sites, i.e., the metallic sites, responsible 
for the hydrogenation reactions (r5) while the carbon species adsorb on acid sites on the support. 
The keto-enol tautomerism (r6) is again a homogeneously catalyzed bulk phase reaction. The 
reactive moieties in the molecules obtained after the retro-aldol cleavage are identical to those 
in the feed molecule glucose and, hence, the same sequence of elementary steps, i.e., belonging 
to the same reaction family, is considered in their further conversion. These molecules are 
indicated by the full line boxes in Figure 4-1. The C2 enamine, N,N-dimethylaminoethenol, 
split off via the retro-aldol cleavage (dashed-line box in Figure 4-1) is the same in each of these 
steps. It is denoted as a C2 enamine, since only two of its carbon atoms originate from the 
glucose feed molecule. Apart from the desired reactions involved in the reductive aminolysis, 
also degradation reactions occur which convert glucose to unspecified byproducts. These 
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degradation reactions, such as thermal decomposition and the Maillard reaction, occur via a 
rather complex mechanism [3]. Given the diversity of considerations that can be made about 
such reactions, they are accounted for in a simplified manner in the reaction network considered 
in this thesis, i.e., they are considered to be first order in the reactant since these reactions 
typically start by a decomposition reaction, without specifying which degradation products are 
exactly formed. This results in a manageable reaction network where the degradation reactions, 
consuming sugars, hemi-aminals and enamines, each of them being marked with a circle, are 
modeled as global reactions (r7, not shown in Figure 4-1). 
4.3 Rate equations 
The reaction rates of both the homogeneous and heterogeneously catalyzed reactions are 
calculated in correspondence with the reaction network as proposed in Figure 4-1. The 
reactions have been grouped into reaction families with the same model parameters, in this way 
the number of parameters to estimate remains reasonable. For each reaction family the 
corresponding rate equation is explained in what follows for its first occurrence in the network. 
The component adsorption is described making use of 4 adsorption coefficients. 3 of them, 
i.e., Kads,C6, Kads,C4, Kads,C2, relate to glucose and derived species. For these species, the number 
of carbon atoms originating from the feed glucose appears to be a good measure for their 
overall size and, hence, their extent of interaction with the catalyst. As a result, a single 
adsorption coefficient is used for species with the same number of carbon atoms originating 
from the feed glucose. These components are assumed to adsorb on the support sites and are 
contained in the corresponding site balance. The fourth and last adsorption coefficient is the 
one for dissociative hydrogen adsorption, Kads,H2. A separate site balance for the metal sites is 
accounted for in the model. A sufficient metal dispersion is assumed for this catalyst such that 
hydrogen can easily spill over to the carbon species on the support sites and hydrogenate them. 
The surface coverages can be determined from the adsorption steps which are considered in 
quasi-equilibrium. For the species adsorbing on the acid sites, see below, the surface coverages 
can be calculated according to Eq. (4-1): 
   ii,adsi, aK   (4-1) 
For hydrogen, adsorbing dissociatively on the metal sites, the surface coverage is calculated 
as in Eq. (4-2): 
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For the heterogeneously catalyzed steps the composite rate coefficients incorporate the total 
active site concentration as follows: 
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with Ct,◊ and Ct,* the total concentration of active acid and metal sites respectively. 
The condensation step is a reversible, homogeneously catalyzed bulk phase reaction with a 
rate expression as shown in Eq. (4-7). The second order dependence of DMA originates from 
the double role DMA, i.e., that of a homogeneous catalyst and of a reactant. 
6
2
1 1 cos 1 ,( )DMA glu e DMA hemi Cr k a a k a a    [mol mr
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The second reaction is the reversible dehydration of the hemi-aminal species to the iminium 
ion. The calculation of this rate requires the knowledge of the iminium ion surface species 
concentration. All reactions where the iminium ion is involved are assumed to proceed on the 
acid sites. The pseudo-steady state approximation as shown in Eq. (4-8) allows obtaining the 
necessary expression for the iminium ion concentration, Eq. (4-9). 
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The rates of the following steps are presented in Eqs. (4-10) - (4-15). The retro-aldol cleavage 
of the iminium ion is considered irreversible as the formed enamine is more easily converted 
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into DMAE or TMEDA rather than returning to the highly unstable iminium ion. Also the 
enamine hydrogenation is considered to be irreversible at the mild temperatures used in the 
experimental campaign. The validity of this assumption is discussed in Section 4.5. 
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The adsorbed species surface fractions as required in Eqs. (4-8) - (4-13) are calculated from 
the respective adsorption equilibria, see Eqs. (4-1) and (4-2). Reaction 6 is a keto-enol 
tautomerism which is base catalyzed. Hence, the concentration of DMA, the most abundant 
base in the reaction mixture, is included in this expression for the forward as well as for the 
reverse rate, see Eq. (4-14).  
4.4 Model parameter estimates and overall 
performance assessment 
The estimates for the rate coefficients and the adsorption equilibrium coefficients are 
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Table 4-1: Parameter estimates of the rate coefficients with their 95% 
confidence intervals obtained after regression of the kinetic model of glucose 
aminolysis with DMA, given by the integration of Eqs. (2-4) – (2-5) with the 
reaction rates given in Eq. (4-7) and Eqs. (4-10) - (4-15), to the experimental 
data obtained on a 60% Ni/SiO2 catalyst.  
Estimated average rate coefficient Estimated activation energy ( kJ mol-1) 
kTave,1 6.3 10-10 ± 4.7 10-11 mL6 mol-2 s-1 Ea,1 78.1 ± 7.2 
kTave,2 2.1 104 ± 6.1 103 mol kgcat-1 s-1 Ea,2 49.9 ± 4.9 
kTave,3 7.0 10-2 ± 1.3 10-2 mol kgcat-1 s-1 Ea,3 47.5 ± 7.9 
kTave,4 3.9 10-1 ± 6.8 10-2 mol kgcat-1 s-1 Ea,4 59.9 ± 9.9 
kTave,5 5.0 101 ± 7.3 mol kgcat-1 s-1 Ea,5 8.8 ± 2.5 
kTave,6 8.9 10-4 ± 1.2 10-4 mL3 mol-1 s-1 Ea,6 1.6 ± 0.3 
kTave,7 2.8 10-3 ± 2.2 10-4 s-1 Ea,7 141.7 ± 13.0 
Table 4-2: Parameter estimates of the adsorption equilibrium coefficients with 
their 95% confidence intervals obtained after regression of the kinetic model 
of glucose aminolysis with DMA, given by the integration of Eqs. (2-4) – (2-5) 
with the reaction rates given in Eq. (4-7) and Eqs. (4-10) - (4-15), to the 
experimental data obtained on a 60% Ni/SiO2 catalyst 
Estimated average adsorption coefficient  
(mL3 mol-1) 
Estimated adsorption enthalpy  
( kJ mol-1) 
KTave,C6 5.7 10-5 ± 1.0 10-5  ΔHads,C6 -30.3 ± 9.1  
KTave,C4 6.7 10-2 ± 6.4 10-3  ΔHads,C4 -13.7 ± 1.9  
KTave,C2 1.3 10-3 ± 2.8 10-4  ΔHads,C2 -26.0 ± 4.6  
KTave,H2 1.1 ± 3.0 10-1  ΔHads,H2 -2.9 ± 0.3  
 
It can be seen from Table 4-1 and Table 4-2 that all parameters are estimated statistically 
significant as 0 is not included in any of the individual 95% confidence intervals. The 
regression is also globally significant with an F value amounting to 160, which sufficiently 
exceeds the tabulated one of 2.79. Furthermore, no significant correlation is found between the 
parameter estimates as the maximum binary correlation coefficient is limited to 0.80, i.e., 
between KTave,C2 and ΔHads,H2. The model reproduces the data well as can be seen from 
Figure 4-2. It is also evident from Figure 4-2 that the glucose conversion is very fast. More 
than half of the total amount of glucose fed is already converted at t0. Shortly after full glucose 
conversion is achieved the DMAE and TMEDA yields reach their final, plateau values. This 
confirms that considering irreversibility for the enamine hydrogenation is valid under the 
applied conditions, particularly no indication for DMAE dehydrogenation was found. 
Figure 4-2 (b) shows that the model is also capable of reproducing the product spectrum at a 
lower total pressure, i.e., at conditions where more degradation reactions occur and lower 
product yields are obtained. The extent of degradation reactions is further enhanced by the 
combined effect with the lower DMA to glucose ratio. Figure 4-2 (c) shows that the slower 
Chapter 4: Kinetics of the Reductive Aminolysis of Glucose with Dimethylamine in terms of 
Homogeneous and Heterogeneous Reactions 
60 
conversion of glucose at lower temperatures is reproduced appropriately. Furthermore the 
selectivities towards DMAE and TMEDA are accurately simulated. Finally, the model also 
manages to correctly simulate the product spectrum at conditions with a lower glucose feed 
rate, where the actual glucose concentration is, hence, lower at any time during the experiment.  
 
The model performance is shown in Figure 4-3 in terms of parity diagrams. The model 
performs best in simulating the amount of DMAE, see Figure 4-3 (a), while the amount of 
TMEDA is also simulated well, see Figure 4-3 (b). Slight deviations in the model simulated 
TMEDA amounts can be explained by the modeling of degradation reactions as a single 
reaction.  
 
Figure 4-2: Molar amounts of DMAE, TMEDA and glucose as a function of 
the batch time for fed-batch experiments of glucose aminolysis with DMA on 
a commercial 60% Ni/SiO2 catalyst. (a): T = 398 K, nglucose0 = 0.40 mol, 
ptot = 7.5 MPa, Wcat = 3.6 g, nDMA/nglucose0 = 15.6 mol mol-1, t0 = 1484 s. (b): 
T = 398 K, nglucose0 = 0.40 mol, ptot = 6.0 MPa, Wcat = 4.0 g, 
nDMA/nglucose0 = 11.9 mol mol-1, t0 = 1200 s. (c) T = 383 K, nglucose0 = 0.40 mol, 
ptot = 7.5 MPa, Wcat = 3.6 g, nDMA/nglucose0 = 12.0 mol mol-1, t0 = 1860 s. (d) 
T = 398 K, nglucose0 = 0.40 mol, ptot = 7.5 MPa, Wcat = 3.6 g, 
nDMA/nglucose0 = 12.0 mol mol-1, t0 = 3900 s. The symbols represent the 
experimentally observed values while the lines represent the model simulated 
values using Eqs. (2-4) - (2-5) with the parameters presented in Table 4-1 and 
Table 4-2.  DMAE,  TMEDA,  Glucose 
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The molar amount of the reactant glucose is also well simulated, as shown in Figure 4-3 (c) 
for the data points at t0, the total time it takes to feed all glucose to the reactor as defined in 
Section 3.3.1, of each experiment. These experimental data points are most remote from the 
origin. At the other sampling times glucose concentration is almost zero and errors in 
quantifying/analyzing these amounts are of the same or a larger order of magnitude as the 
actual concentration. The kinetics for glucose conversion are thus well reproduced. Finally, the 
model succeeds in simulating the right order of magnitude for formation of 
N,N-dimethylglucamine under the applied fed-batch conditions as seen in Figure 4-3 (d). 
 
Figure 4-3: Parity diagram for the responses of the kinetic model for glucose 
aminolysis with DMA on a commercial 60% Ni/SiO2 catalyst: molar amount 
of DMAE (a), molar amount of TMEDA (b), molar amount of glucose (c), 
molar amount of N,N-dimethylglucamine (d). The model simulated values are 
obtained from Eqs. (2-4) - (2-5) with the parameters presented in Table 4-1 
and Table 4-2. 
4.5 Discussion 
High activation energies for retro-aldol cleavage reactions amounting to 110 kJ mol-1 for two 
β-hydroxy compounds or even to 140 kJ mol-1 for glucose, and 80 kJ mol-1 for the consecutive 
smaller chain retro-aldol cleavage, have been reported [4, 5]. From Table 4-1 it can be seen 
that the activation energy for the retro-aldol cleavage of a C-C bond (Ea,4) in the present thesis 
is significantly lower. The presence of the nitrogen atom next to this C-C bond reduces the 
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retro-aldol cleavage activation energy by up to 80 kJ mol-1. As a result, retro-aldol cleavage 
after a prior amination already proceeds at significantly lower temperatures than those required 
for similar cleavages in the absence of a neighboring N-atom [6]. A possible explanation for 
such a lower activation energy is situated in the transition state stabilization by electrons 
donated by the nitrogen function. The experimentally observed increase of C2 products DMAE 
and TMEDA with increasing temperatures at the expense of N,N-dimethylglucamine are 
reflected in the higher activation energy for the retro-aldol cleavage (Ea,4) compared to the 
iminium ion rearrangement to the enamine (Ea,3).  
In the reductive alkylation of aromatic amines the first reaction step is the condensation of 
an amine with an aldehyde [7]. The rate coefficient of this reaction amounts to 
2×10-6 m3 mol-1 s-1. In our work the corresponding parameter k1 amounts to 
6×10-10 m6 mol-2 s-1. However, because base catalysis is concerned, this parameter value 
should be corrected for the activity of DMA, which amounts to about 104 mol m-3. The 
corrected k1 value, hence, amounts to 2×10
-6 m3 mol-1 s-1, which is of the same order of 
magnitude of the one reported for the reductive alkylation of amines. 
Also the composite hydrogenation activation energy (Ea,5) is significantly reduced by the 
presence of nitrogen heteroatoms. Typical C-C bond hydrogenation activation energies, e.g., 
for ethylene over Ni catalysts, are in the range from 40 to 45 kJ mol-1 [8]. The presence of one 
or more nitrogen atoms in the chain results in a reduced activation energy for the double bond 
hydrogenation amounting to only 9 kJ mol-1. In the reductive alkylation of aniline with acetone 
and the reductive amination of benzaldehyde with ammonia the ratio of the rate coefficient of 
the hydrogenation reaction to the rate coefficient of the condensation reaction is of the order of 
magnitude of 102 - 103 [9, 10]. After correction for the units to allow comparison with this 
work the ratio k5/k1 amounts to 800. 
The activation energy for the degradation reaction was estimated at 140 kJ mol-1, 
approximately, which is high and in the same range as expected for thermal degradation, which 
has an activation energy of around 115 kJ mol-1 [11]. This high activation energy does not 
allow explaining why almost exclusively degradation products were formed during the heating 
phase in the initial batch experiments. It indicates the multitude of degradation reactions that 
occur among which more highly activated ones dominate during the kinetics measurements in 
the fed-batch reactor whereas lower activated ones must have been involved in the initial 
experimentation. 
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The effect of the catalyst to glucose ratio is well simulated. Similar considerations can be 
made for the glucose feed rate, see also Figure 4-2 (d). The model performs well at low feed 
rates, but extension to the upper limit should be done with caution as the actual glucose 
concentration enters the region where degradation reactions become more pronounced, see also 
Equation (4-15), and, hence, where a more detailed representation of the degradation reactions 
would be required. The effect of the aminating agent to glucose ratio is simulated to be slightly 
more pronounced than experimentally observed. Nevertheless, within the scope of this thesis 
the most important phenomena at relevant experimental conditions can be explained with the 
kinetic model constructed in this chapter. 
The developed kinetic model can be used for multi-scale simulations to assess which effects 
would occur when the reductive aminolysis of biomass based feeds is to be performed on a 
larger scale, where transport phenomena and non-ideal reactor hydrodynamics also potentially 
contribute to the overall observed behavior, see also Section 6.4.2. 
4.6 Conclusions 
A kinetic model has been constructed for the reductive aminolysis of glucose with DMA. 
The considered reaction network comprises homogeneous bulk phase as well as 
heterogeneously catalyzed kinetic steps. It allows describing the formation of DMAE and 
TMEDA as desired products but also N,N-dimethylglucamine and degradation products as side 
products. The model is able to accurately reproduce the yield of main products DMAE and 
TMEDA within the experimentally investigated range of fed-batch operating conditions, where 
the effect of the degradation reactions was quantitatively assessed. All model parameters are 
statistically significant and exhibit a precise physical meaning without being correlated to each 
other. The incorporation of a nitrogen atom in the carbohydrate chain leads to lower activation 
energies of both the retro-aldol cleavage and the hydrogenation reaction compared to similar 
reactions without nitrogen present in the corresponding molecules. 
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reaction performance for bimodal sequences 
 
 
The relative contributions of heterogeneously catalyzed and homogeneous bulk phase reactions 
in bimodal reaction sequences have been assessed via 1D reactor simulations. Starting from a 
reaction network comprising 2 parallel, irreversible heterogeneously catalyzed and 
homogeneous bulk phase steps, additional consecutive steps were accounted for as well as the 
option of the considered steps being reversible. The final product formed after a minimum 
number of homogeneous bulk phase reactions is obtained with high yields in continuous flow 
fixed bed reactors. The products obtained after a higher number of homogeneous bulk phase 
reactions generally dominate in slurry reactors. Yields of the latter may exhibit an optimum as 
a function of the catalyst amount in the reactor. The adsorption enthalpies of the intermediates 
in the reaction network critically determine the position and shape of this maximum. The 
reversibility of the homogeneous bulk phase steps provides specific opportunities to tune the 
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As discussed in Chapter 4 the reductive aminolysis of glucose proceeds through a rather 
extensive reaction network comprising homogeneous and heterogeneously catalyzed reactions, 
i.e. it belongs to the group of the so-called bimodal reaction sequences. Several other reactions 
also belong to this group, see the discussion in Section 1.3. For most bimodal reactions 
sequences reactor selection and catalyst property optimization have not yet been elaborately 
discussed. In this chapter, the interaction of heterogeneously catalyzed and homogeneous bulk 
phase reactions as a function of the catalyst amount in the reactor and of component adsorption 
properties is systematically analyzed. The product yields are determined for reactors with a 
high catalyst-to-liquid ratio and a low catalyst-to-liquid ratio corresponding to two-phase fixed 
bed and slurry reactors, respectively. This is achieved via 1D reactor simulations for reaction 
schemes of increasing complexity representative for industrially relevant applications. The 
goal is to map and fundamentally understand the product distribution for a wide span of 
adsorption equilibrium coefficients and catalyst amounts and ultimately exploit this knowledge 
in the reductive aminolysis of glucose such that they can be used for e.g. catalyst development. 
In Chapter 6, this framework is expanded to three-phase reactors, ranging from a trickle bed to 
a slurry reactor, where additional phenomena such as interphase mass transfer and degradation 
reactions are included. 
5.2 Reaction networks for bimodal reaction sequences 
The interplay between heterogeneously catalyzed reactions and homogeneous bulk phase 
reactions is investigated for three reaction schemes of increasing complexity, see Figure 5-1. 
All schemes consider a ‘heterogeneous’ product Phet and a ‘homogeneous’ product Phom. In the 
most simple, parallel, scheme, Phet and Phom are formed via 2 parallel reactions from a reactant 
A whereas in the more complex, consecutive-parallel schemes this reactant A is first converted 
into an intermediate, Ihet, via a homogeneous bulk phase reaction. This intermediate Ihet is either 
heterogeneously converted into Phet, or homogeneously into another intermediate, Ihom, prior to 
the heterogeneous conversion of the latter into product Phom. Thus, both the heterogeneous and 
the homogeneous product are obtained after the heterogeneously catalyzed transformation of 
the corresponding intermediate, the latter being produced after either a single (Ihet) or two (Ihom) 
homogeneous bulk phase steps. The scheme of intermediate complexity considers irreversible 
reactions whereas the most complex one considers reversible ones, particularly for the 
homogeneous reactions. It is assumed that only the reactants involved in the heterogeneously 
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catalyzed reactions adsorb on the catalyst surface, except when reversibility of the latter is 
considered in the most complex scheme.  
 
Figure 5-1: Bimodal reaction sequences used for assessing the interplay 
between heterogeneously catalyzed reactions (red, dashed lines) and 
homogeneous bulk phase reactions (green, full lines) in bimodal reaction 
sequences. Left: parallel reaction scheme; middle: irreversible, consecutive 
reaction scheme; right: reversible, consecutive reaction scheme. 
Although not each individual scheme may be directly relevant or experimentally measurable 
it may illustrate the effect of each new consideration. 
Equations (5-1) and (5-2) illustrate how homogeneous and heterogeneous reaction rates are 
calculated for the parallel scheme: 
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In Eqs. (5-1) and (5-2) Kads,A represents the adsorption equilibrium coefficient of A, khet and 
khom represent the rate coefficient of the heterogeneously catalyzed and the homogeneous bulk 
phase reaction steps, respectively. ρcat is the density of the catalyst in kgcat mcat
-3, ε represents 
the liquid fraction in the reactor in mliq
3 mr
-3 and fcat is the catalyst fraction of the bed volume 
in mcat
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In Eqs. (5-3) - (5-6) Ki approaches infinity in case of irreversibility of that particular reaction. 
A versatile and flexible in-house developed code has been used to perform reactor 
simulations. All simulation results are compared at a conversion level of A amounting to 50% 
by adjusting the space time Wcat/FA,0 with respect to A. Variations in catalyst mass in the reactor 
are implemented by correspondingly adapting the amount of inert diluent such that the free 
bulk volume remains identical. At high catalyst amounts Wcat/V in the range from 100 to 
2500 kgcat mr
-3, typical for fixed bed reactors, the use of the fixed bed reactor equation (2-20) 
is evident while this is less straightforward at lower amounts ranging from 1 to 100 kgcat mr
-3, 
corresponding to typical slurry reactor loadings. The slurry and fixed bed reactor are both 
simulated via a set of differential equations and, hence, are mathematically equivalent. The 
slurry reactor is most easily regarded as a batch reactor as in a continuous version of a slurry 
reactor potential slip between the catalyst and the (liquid) bulk phase may complicate the 
interpretation of the results. The equivalence between a slurry batch and fixed bed reactor is 
evident by substituting the batch time for the space time which for purely heterogeneously 
catalyzed reactions has to be multiplied by εCA,0/((1-εL)fcatρcat) [1, 2].  
Table 5-1: Rate coefficients and ranges used for reaction and adsorption 
equilibrium coefficients for the bimodal reaction sequences shown in 
Figure 5-1. 
Rate coefficients [s-1] Equilibrium coefficients [-] Adsorption equilibrium coefficients [m3 mol-1] 
khom 1·10-3   Kads,A 10-4-102 
khet 3·10-3     
k1 = k3 3·10-3 K1, K3 10-2-102 Kads,Ihet, Kads,Ihom 10
-3-102 
k2 1·10-3 K2, K4 10-1-10 Kads,Phet, Kads,Phom 10
-1-10 
k4 1·10-2     
 
The rate coefficients used for the various schemes given in Figure 5-1 are reported in 
Table 5-1, along with the ranges considered for the adsorption equilibrium coefficients and 
thermodynamic equilibrium coefficients. 
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5.3 Results and discussion 
The main differences between slurry and fixed bed reactors are situated in the employed 
catalyst mass and potential differences in free bulk volume. In slurry batch type reactors high 
reactant conversions are typically obtained by increasing the batch time rather than the catalyst 
amount, leaving the free volume unaffected. In contrast, fixed bed reactors typically have 
densely packed catalyst beds and correspondingly low free bulk volumes. In the following, 
product yields are presented as a function of catalyst amounts, the lowest ones corresponding 
to typical slurry reactor catalyst loadings while the higher ones are in the range of fixed bed 
reactors. Note that, to preserve an identical free volume for the homogeneous bulk phase 
reactions, a corresponding amount of inert material is assumed to be present in the reactor. 
Particularly for low catalyst amounts in the reactor, this amount of inert material may become 
appreciable. As a result, actual differences between a slurry and fixed bed reactor, i.e., when 
no diluent is added to maintain the same free volume, are slightly more pronounced compared 
to those reported for the bimodal reaction sequences as discussed below. While qualitative 
trends are preserved, the quantitative effect on the simulated product yields as a consequence 
of differences in free volume are limited to maximum 6%. 
As evident from Eqs. (5-1) to (5-6), the contributions of homogeneous reactions (rhom 
(Eq. 5-1), r1 (Eq. 5-3), r3 (Eq. 5-5)) decrease and those of heterogeneously catalyzed (rhet 
(Eq. 5-2), r2 (Eq. 5-4), r4 (Eq. 5-6)) ones increase with the catalyst amount and vice versa with 
the free volume. Therefore heterogeneous product yields are the highest at high catalyst 
amounts in fixed bed reactors while slurry reactors are more suited for homogeneous product 
formation. 
In what follows the effects of varying the catalyst amount and adsorption equilibrium 
coefficient of a reactant A on the bimodal reaction sequence behavior is discussed first for a 
reaction scheme in which A is in parallel converted into Phet and Phom as shown in Figure 5-1 
(left). Subsequently, the understanding and optimization of the interplay between bulk phase 
and heterogeneously catalyzed reactions in terms of catalyst properties is described for an 
irreversible reaction scheme where the products are heterogeneously formed from 
intermediates which, in turn, are obtained after one or two consecutive homogeneous reactions. 
Ultimately, these findings are fine-tuned by considering the reversibility of, especially, the bulk 
phase reactions. 
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5.3.1 Parallel Reaction Scheme 
The competition between the heterogeneously catalyzed and homogeneous bulk phase 
reactions is directly evident from this parallel reaction scheme, see the obtained product yields 
in Figure 5-2. As indicated already above the heterogeneous product yield increases with the 
catalyst amount. 
In this simple scheme the effect of the adsorption equilibrium coefficient of A on the product 
yields is related to corresponding changes in surface coverage of A leading to Phet. As is also 
evident from Figure 5-2, a 10 fold lower adsorption equilibrium coefficient for reactant A, 
which corresponds to a decrease in initial surface coverage from 83% to 33%, results in a 
heterogeneous product yield drop from 34% to 21% for Wcat/V = 1000 kgcat mr
-3. At the 
conditions used in these simulations, a 3 fold increase in the catalyst amount results in an 
identical heterogeneous product yields as the one that would be obtained with a 10 fold higher 
adsorption equilibrium coefficient for reactant A. The closer to saturation the catalyst surface 
is with A, the less pronounced the effect of the equilibrium coefficient is on the rate of 
formation of the heterogeneous product. As a result, in case of catalyst surface saturation by 
A, the same rate of formation is obtained for the heterogeneous product, irrespective of the 
exact value of the adsorption equilibrium coefficient. In case of weak adsorption of A on the 
catalyst surface, a decreasing adsorption equilibrium coefficient can be compensated by an 
inversely proportionally increasing catalyst amount in the reactor to obtain an identical yield 
of heterogeneous product. At intermediate surface coverages by A, such as with the above-
mentioned simulations, a less than inversely proportional adjustment of the catalyst amount 
suffices to compensate for the variation in the adsorption equilibrium coefficient. 
In Appendix C an analytical solution is derived for the simulated case and compared with 
the numerical solution results to illustrate the validity of the latter. 
 
 




Figure 5-2: Molar heterogeneous (Phet) and homogeneous (Phom) product 
yields as a function of the catalyst amount at 50% conversion of A in case of 
the parallel reaction scheme, see Figure 5-1 (left). Thick lines: 
Kads,A =10-3 m3 mol-1, thin lines: Kads,A = 10-4 m3 mol-1. A threefold increase of 
the catalyst amount when Kads,A =10-3 m3 mol-1 corresponds to the same 
product distribution as when Kads,A =10-4 m3 mol-1. Product yields were 
calculated using model simulated compositions from Eqs. (2-21) - (2-22) and 
the parameters shown in Table 5-1.  Phet,  Phom. 
5.3.2 Consecutive, Irreversible Reaction Scheme 
In the consecutive irreversible reaction scheme the intermediates Ihet and Ihom competitively 
adsorb on the catalyst surface after their formation via a single, respectively two, homogeneous 
bulk phase reactions. The heterogeneous and homogeneous product yields are shown in 
Figure 5-3 (left) for different Kads,Ihet values. As expected from the parallel reaction scheme, 
the Phet yield increases monotonously with the catalyst amount. Interestingly, an optimum in 
the Phom yield is observed as a function of the catalyst amount. As the catalyst amount increases 
both the conversion of Ihet to Phet and Ihom to Phom are enhanced. The former also implies a 
reduced conversion of Ihet to Ihom. Up to the maximum sufficient Ihom is still present to result in 
enhanced Phom yields as the catalyst amount increases. However, once the heterogeneously 
catalyzed reactions are too pronounced, the conversion from Ihet to Ihom is so severely impacted 
upon that the corresponding Phom yield also decreases. Similar considerations can also explain 
the maximum methylfuran yield as a function of the catalyst to feed ratio in the catalytic fast 
pyrolysis of glucose, see Section 1.3. 
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As is evident from Figure 5-3 variations in adsorption equilibrium coefficient of one of the 
intermediates are mainly reflected in the homogeneous rather than in the heterogeneous product 
yield. Note that the subsequent discussions refer to adsorption equilibrium coefficients 
corresponding with practically fully saturated surfaces as only very low product yields are 
obtained in case of weak adsorption of intermediates at 50% conversion of A. Figure 5-3 (left) 
illustrates the effect on the homogeneous and heterogeneous product yields when Kads,Ihet 
increases from 0.01 to 0.1 m3 mol-1 while Kads,Ihom is fixed at 0.1 m
3 mol-1. Upon such a 
variation in Kads,Ihet, the corresponding surface coverage of Ihet is significantly enhanced, 
particularly at lower catalyst amounts and, hence, lower conversions of A. At such conditions, 
Ihom, to the extent that it has been formed, experiences significant adsorption competition from 
Ihet. At higher catalyst amounts and, hence, conversions of A closer to 50%, the amount of Ihet 
present in the reaction mixture has already decreased such that Ihom transformation into Phom 
recovers to some extent and approaches the Phom yield obtained at the lower Kads,Ihet. The Phom 
yield difference is almost entirely reflected in the Ihom yield while the increase in the Ihet and 
especially the Phet yield is only marginal. When Kads,Ihet is increased even further the Phom yield 
becomes negligible. 
 
Figure 5-3: Molar heterogeneous (Phet) and homogeneous (Phom) product 
yields as a function of the catalyst amount at 50% conversion of A for the 
consecutive irreversible scheme, see Figure 5-1 (middle). The considered 
adsorption equilibrium coefficients are: left, Kads,Ihom = 0.1 m
3 mol-1, thick 
lines: Kads,Ihet = 0.1 m
3 mol-1, thin lines: Kads,Ihet = 0.01 m
3 mol-1 and right, 
Kads,Ihet = 0.1 m
3 mol-1, thick lines: Kads,Ihom = 10 m
3 mol-1, thin lines: 
Kads,Ihom = 0.01 m
3 mol-1. Product yields were calculated using model 
simulated compositions from Eqs. (2-21) - (2-22) and the parameters shown in 
Table 5-1.  Phet,  Phom. 
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Figure 5-3 (right) shows the heterogeneous and homogeneous product yields for varying 
values of Kads,Ihom. As the adsorption equilibrium coefficient of Ihom increases the maximum 
Phom yield increases and shifts to lower values of the catalyst amount.  
The reaction rates of the parallel heterogeneously catalyzed and homogeneous bulk phase 
reaction of Ihet to Phet and Ihom throughout the reactor are presented in Figure 5-4 for selected 
catalyst amounts and values of the adsorption equilibrium coefficients. As can be seen from 
Figure 5-4 (left) the heterogeneously catalyzed reaction rate directly increases to a maximum, 
and is constant throughout most of the reactor. This maximum depends on the catalyst amount 
and the intermediate adsorption equilibrium coefficients and corresponds to saturation of the 
catalyst surface with Ihet. At lower catalyst amounts r2 decreases near the reactor outlet as a 
consequence of competitive adsorption and more significant Ihom amounts on the catalyst 
surface, which has been depicted for Wcat/V = 400 kgcat mr
-3. At the considered conditions, the 
rate of the homogeneous reaction steadily increases throughout the reactor, the latter is 
explained by the direct dependence of r3 on the concentration of Ihet which is formed more with 
axial positions situated further in the reactor. The competition between the two parallel reaction 
steps is very clear: at low catalyst amounts, i.e., Wcat/V = 400 kgcat mr
-3, the heterogeneous 
conversion of Ihet to Phet is less pronounced than the homogeneous conversion of Ihet to Ihom, 
whereas at higher catalyst amounts such as Wcat/V = 1500 kgcat mr
-3 the heterogeneous 
conversion of Ihet is becoming more pronounced. It is evident from Figure 5-4 (right) that at 
low values of Kads,Ihet the maximum in r2 is reached later in the reactor and is slightly lower 
than for the higher Kads,Ihet value. This is a consequence of the less significant surface coverages 
by Ihet at the lower value of Kads,Ihet. The remaining Ihet bulk phase concentration and, hence, r3 
are slightly higher. 




Figure 5-4: Reaction rates of the parallel, heterogeneously catalyzed (r2) and 
homogeneous bulk phase (r3) reaction steps from Ihet to Phet and Ihom as a 
function of the axial coordinate, expressed in terms of reactor volume for the 
consecutive, irreversible reaction scheme, see Figure 5-1 (middle). Left: 
Kads,Ihet = Kads,Ihom = 0.1 m
3 mol-1, thin lines: Wcat/V = 400 kgcat mr-3, thick 
lines: Wcat/V = 1500 kgcat mr-3. Right: Wcat/V = 2500 kgcat mr-3, 
Kads,Ihom = 10 m
3 mol-1, thin lines: Kads,Ihet = 0.01 m
3 mol-1, thick lines: 
Kads,Ihet = 1 m
3 mol-1. At the reactor outlet 50% conversion of A is reached. 
 r2,  r3. 
In this section it has been shown that the heterogeneous product can always be favored by 
maximizing the catalyst amount while an optimum catalyst amount exists for the homogeneous 
product. As a consequence of the competitive adsorption between the intermediates 
homogeneous product yields can be enhanced by increasing Kads,Ihom with respect to Kads,Ihet. 
The results discussed above with respect to the impact of the catalyst properties and amount 
lack generality, however, as they are constrained by the irreversibility of the considered steps. 
Those constraints are relaxed in the next section where the effect of considering reversibility 
is assessed in a step wise manner. 
5.3.3 Consecutive, Reversible Reaction Scheme 
In the most complex scheme reversibility of the reactions is considered. At first reversibility 
of the homogeneous bulk phase reactions is considered. It is of utmost importance to take the 
effects of these thermodynamic equilibria on the desired product yields into account in order 
to optimally determine the most suited catalyst properties.  
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5.3.3.1 Intermediates product yields in case of homogeneous bulk phase 
reactions only 
Before examining the effect of various equilibrium coefficients on the product composition 
in the bimodal reaction sequence of interest, simulations are performed for the homogeneous 
bulk phase reactions only, i.e., for a reactor with zero catalyst loading. This allows assessing 
to what extent thermodynamic equilibrium is established between Ihet and Ihom at the reactor 
outlet and identifying how the yields of Phet and Phom can evolve when heterogeneous reactions 
come into play. In case thermodynamic equilibrium is established between Ihet and Ihom at 50% 
conversion of A, the Ihet and Ihom yields purely depend on K3. However, the thermodynamics 
between A and Ihet, as well as the kinetics for r1 and r3 determine to what extent this equilibrium 
between Ihet and Ihom is effectively reached. At small values of either K1 or K3, i.e., below 1, 
the equilibrium is easily established between intermediates Ihet and Ihom whereas this 
equilibrium is no longer reached for equilibrium coefficients exceeding 1, e.g., when K3 = 10, 
the Ihom yield is 45% according to thermodynamics in the reactor with zero catalyst loading. 
This 45% Ihom yield is achieved when K1 = 0.1 but readily drops to 22% when K1 is equal to 1 
and further drops to 16% when K1 increases to 10. This implies that even at high values for K3 
high homogeneous product yields can only be obtained when K1 is below 1 with the given 
kinetics (not shown).  
In the following sub-sections heterogeneously catalyzed reactions are included. The 
reversibility of r3 is considered first while keeping r1 irreversible and subsequently the 
reversibility of r1 is investigated while keeping r3 irreversible. Subsequently, reversibility of 
both bulk phase reactions is examined to see to what extent the phenomena related to each 
reversible reaction are important. 
5.3.3.2 Reversibility of the homogeneous bulk phase reactions 
The reversibility of r3 has limited to no impact on the Phet yield, see also Figure 5-3 and 
Figure 5-5 (left). The major effect of varying K3 on the Phet and Phom yields is, hence, situated 
in the location and the value of the maximum in Phom. As expected from the above, high Phom 
yields cannot be obtained for high values of K1. Furthermore, it is immediately evident that the 
reversibility of the homogeneous conversion from Ihet to Ihom has almost no effect on the 
heterogeneous product yield. The latter thus solely depends on the irreversible conversion of 
A into Ihet, the catalyst properties and amount. When the equilibrium between Ihet and Ihom is 
situated more towards Ihom a subtle increase in the Phom yield can be discerned. The maximum 
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Phom yield is also obtained at a lower catalyst amount. The latter is a direct consequence of K3 
as more Ihom is present in the bulk phase and consequently on the surface of the catalyst. 
 
Figure 5-5: Molar heterogeneous (Phet) and homogeneous (Phom) product 
yields as a function of the catalyst amount at 50% conversion of A for the 
consecutive, reversible scheme, see Figure 5-1 (right). 
Kads,Ihet = Kads,Ihom = 1 m
3 mol-1, Left: r1, r2 and r4 irreversible, thin lines: 
K3 = 0.1, thick lines: K3 = 10 and right: r2, r3 and r4 irreversible, thin lines: 
K1 = 0.1, thick lines: K1 = 10. Product yields were calculated using model 
simulated compositions from Eqs. (2-21) - (2-22) and the parameters shown in 
Table 5-1.  Phet,  Phom. 
From Figure 5-5 (right) it can be seen that the reversibility of r1, while assuming the 
transformation of Ihet to Ihom to proceed irreversibly, severely impacts on the entire product 
distribution. When K1 is below 1 very high homogeneous product yields are obtained at a low 
catalyst amount, i.e., as high as 38% at Wcat/V = 100 kgcat mr
-3, for an equally strong adsorption 
of Ihet and Ihom with adsorption coefficients amounting to Kads,Ihet = Kads,Ihom = 1 m
3 mol-1. At 
such conditions it is, hence, sufficient to have similar values of the adsorption equilibrium 
coefficient for both Ihet and Ihom to favor the formation of the homogeneous product. The Phom 
yield significantly decreases in favor of the Phet yield at higher catalyst amounts. The steep 
slope in the yield curves obtained at these low values of K1 is related to the very pronounced 
changes in the space time of A required to maintain the 50% isoconversion of A at different 
catalyst amounts. When K1 exceeds 1 this variation in space time of A is less pronounced and 
the profile is, again, more similar to the profile corresponding to r1 being irreversible, see 
Figure 5-5 (left). 
When reversibility of both bulk phase reactions is considered a combination of the above 
described phenomena occurs. For values of either of the equilibrium coefficients equal to or 
exceeding 1, the product spectrum obtained with a bimodal reaction scheme where both bulk 
phase reactions are irreversible is very similar to the reaction scheme where the reaction with 
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the highest equilibrium coefficient is considered irreversible at all catalyst amounts. As a 
consequence of the reversibility of the bulk phase reactions the Phom yield is marginally lower 
and the Phet yield marginally higher compared to the scheme with an irreversible bulk phase 
reaction. At lower values of both thermodynamic equilibrium coefficients very high Phom yields 
are obtained only at the low catalyst amounts depending on the value of K1. The value of this 
maximum decreases with K3. At the highest catalyst amounts, typically, very high Phet yields 
are obtained. The lower the value of K3, the faster the Phet yield increases as a function of the 
catalyst amount.  
Reaction rates corresponding to the consecutive, reversible reaction scheme have been 
calculated and are shown in Figure 5-6 for a low and a high catalyst amount. At the lowest 
catalyst amounts r2 is small and more or less unaffected by the equilibrium coefficients. Hence, 
r3 is represented for different combinations of K1 and K3 at Wcat/V = 100 kgcat mr
-3 in Figure 5-6 
(left). When K3 is below 1 and K1 exceeds 1 a maximum in the r3 rate is reached near the middle 
of the reactor. Prior to this maximum an accumulation of Ihet occurs which, hence, results in a 
higher rate for r3 as long as the equilibrium between Ihet and Ihom is not reached. The maximum 
rate in r3 indicates that the reverse reaction from Ihom back to Ihet is becoming more important. 
When K1 is below 1 and K3 exceeds 1 this maximum is reached at a much earlier stage in the 
reactor as the accumulation of Ihet is limited, in accordance with K1. When both K1 and K3 are 
below 1 the maximum is significantly lower and reached very fast. Furthermore, r3 practically 
instantaneously reduces to a steady value required to maintain the thermodynamic equilibrium 
between Ihet and Ihom as these intermediates are converted to Phet and Phom respectively. At 
higher catalyst amounts there is no significant effect of K3 on r2 and r3 when K1 is below 1, 
therefore Figure 5-6 (right) shows the effect of varying K1 on these reaction rates. The higher 
K1 value leads to a similar profile with equal maxima in r2, which, in both cases, are reached 
almost instantaneously. The effect of varying K1 leads to more significant differences in the 
profiles for r3. At the higher value of K1 a maximum is reached at low processed volumes and 
consequently the equilibrium between Ihet and Ihom is established there. This is not the case 
when K1 is lower than 1 and no significant accumulation of Ihet occurs. Therefore higher 
volumes are required to reach a maximum in r3. In this way more Ihom can be produced 
compared to the amount formed at higher values of K1. This higher amount of Ihom significantly 
impacts on the competitive adsorption between Ihom and Ihet, i.e., a higher surface coverage by 
Ihom reduces that of Ihet and, consequently, the formation of Phet. Furthermore, more Phom is 
produced from Ihom and this results in formation of the latter intermediate from Ihet, in 
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accordance with the value of K1. This shows that relatively more Phom is formed in the latter 
case. 
 
Figure 5-6: Reaction rates of the heterogeneously catalyzed (r2) and 
homogeneous bulk phase (r3) reaction steps from Ihet to Phet and Ihom 
respectively as a function of the axial coordinate, expressed in terms of reactor 
volume for the consecutive, reversible reaction scheme, see Figure 5-1 (right). 
Kads,Ihet = Kads,Ihom = 1 m
3 mol-1, Left: Wcat/V = 100 kgcat mr-3; thick line: 
K1 = 100, K3 = 0.1; dotted line: K1 = 0.1, K3 = 100; thin line: K1 = K3 = 0.1. 
Right: Wcat/V = 1600 kgcat mr-3; thick lines: K1 = 100, K3 = 0.1; thin lines: 
K1 = K3 = 0.1. At the reactor outlet 50% conversion of A is reached.  r2, 
 r3. 
In this section it has been illustrated how the reversibility of bulk phase reactions plays a 
major role in optimizing the catalyst amount and the catalyst properties. When K1 is below 1 
very high homogeneous product yields can be achieved at very low catalyst amounts 
corresponding to typical slurry reactor catalyst loadings, while very high heterogeneous 
product yields can be achieved at intermediate to high catalyst loadings. Changes in K3 only 
have a minor effect on the heterogeneous product yield. At higher values of K3 the maximum 
in the Phom yield is higher and achieved at lower catalyst amounts. All these cases are based on 
irreversibility of the heterogeneous reaction steps and although this is valid in some cases, it 
remains relevant to evaluate the effect of relaxing this last constraint on the simulation results 
obtained for the considered bimodal reaction sequence. 
5.3.3.3 Effect of reaction product adsorption 
Accounting for the reversibility of the heterogeneously catalyzed steps requires four 
additional parameters, i.e., the thermodynamic equilibrium coefficients K2 and K4 and the 
adsorption equilibrium coefficients Kads,Phet and Kads,Phom. The latter two parameters are 
necessary as the reversibility of the heterogeneously catalyzed steps necessarily implies the 
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readsorption of Phet and Phom. Consequently, these reaction products also occupy a certain 
fraction of the catalyst surface. The effect of these parameters on the interplay of the 
heterogeneously catalyzed and homogeneous bulk phase reactions and, ultimately, the molar 
yields of the corresponding products Phet and Phom is discussed in what follows. 
Firstly the mere effect of Phet and Phom being present on the catalyst surface is examined, 
without considering the reversibility of the heterogeneous reactions. As shown earlier, 
competitive adsorption is one of the main factors determining the product yields. Including 
either Kads,Phet or Kads,Phom with similar values as Kads,Ihet and Kads,Ihom shows a dramatic decrease 
in the heterogeneous product yield, see Figure 5-7 (left), because a significant fraction of the 
surface is occupied by these products. The yield of the heterogeneous product significantly 
deviates from the proportionality with the catalyst amount. The presence of Phet and Phom on 
the surface occupies sites that would otherwise remain available for the transformation of Ihet 
to Phet and, hence, indirectly contributes to the formation of Ihom. This also explains why more 
Phom is present in the product spectrum when product readsorption is considered compared to 
the reference case at high catalyst amounts. It can, hence, be concluded that competitive 
adsorption mostly affects the heterogeneous product yield and results in increased 
homogeneous product yields at higher catalyst amounts compared to cases where products 
show no affinity towards the catalyst. 
  





Figure 5-7: Molar heterogeneous (Phet) and homogeneous (Phom) product 
yields as a function of the catalyst amount at 50% conversion of A for the 
consecutive, reversible scheme, see Figure 5-1 (right). Left: readsorption of 
the reaction products Phet and Phom for the consecutive scheme with reversible 
bulk phase homogeneous and irreversible heterogeneously catalyzed reactions 
with K1 = K3 = 1 (thick lines: reference case: Kads,Ihet = Kads,Ihom = 1 m
3 mol-1, 
Kads,Phet = Kads,Phom = 0 m
3 mol-1, thin lines: Kads,Ihet = Kads,Ihom = Kads,Phet = 
Kads,Phom = 1 m
3 mol-1), right: Effect of the thermodynamic equilibrium of the 
heterogeneously catalyzed conversion from Ihet to Phet in the consecutive, fully 
reversible scheme (Kads,Ihet = Kads,Ihom = Kads,Phet = Kads,Phom = 1 m
3 mol-1, 
K1 = K3 = K4 = 1, thick lines: K2 = 10, thin lines: K2 = 0.1). Product yields were 
calculated using model simulated compositions from Eqs. (2-21) - (2-22) and 
the parameters shown in Table 5-1.  Phet,  Phom. 
5.3.3.4 Reversibility of the heterogeneously catalyzed reaction steps 
Next, reversibility of the heterogeneous reactions is considered. To fully understand the 
effect of the reversibility of the heterogeneously catalyzed reactions on the product yields the 
reversibility of the homogeneous reactions needs to be taken into account. If this would not be 
considered, any product yield loss would be reflected in enhanced Ihom yields. As expected 
from the above, when K4 decreases lower Phom yields are observed. These are mainly reflected 
in the Ihom yield rather than in the Phet yield because of the thermodynamic equilibrium of the 
homogeneous reaction of Ihet to Ihom, even when the K3 is as low as 0.1. Varying K2 has a more 
pronounced effect on the product spectrum than varying K4 and is presented in Figure 5-7 
(right). A decrease in this equilibrium coefficient results in a major decrease of the Phet yield 
while slightly enhancing the Phom yield. Ihet and Ihom yields correspondingly increase in equal 
amounts, as would be expected with K3 = 1. At the lowest values of K2 the Phet yield flattens 
out, i.e., no major changes occur with the catalyst amount. This means that thermodynamic 
equilibrium is established and, hence, the interplay of heterogeneously catalyzed and 
homogeneous reactions can no longer be exploited by adapting the reactor configuration and 
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catalyst amount at this point. The competitive adsorption of the reaction products on the 
catalyst surface and, even more so, the reversibility of the heterogeneously catalyzed steps 
reduce the potential to optimize the reactor performance for the bimodal reaction sequence as 
investigated in the present work. 
5.4 Perspectives 
Several industrially relevant reactions, see Section 1.3, can benefit from the results obtained 
in the current work. In the copper catalyzed amination of ethylene glycol high catalyst loadings, 
as would be encountered in fixed bed reactor types, will lead to high aminoalcohol yields while 
low catalyst loadings will lead to high enamine yields. High diamine yields can ultimately be 
obtained by a two-step process in which first a low catalyst amount is present to selectively 
form the enamine and subsequently convert it to the diamine in the presence of higher catalyst 
amounts. These guidelines can of course be further exploited by appropriately choosing the 
other operating conditions, in this case more specifically the amount of H2 fed. In the oxidative 
coupling of methane typically ethylene is a target molecule. It is desired to keep the catalyst 
amount low to prevent secondary activation and, consequently, reduce the extent of 
consecutive reactions. For the same reason the oxygen partial pressure should be kept low [3]. 
In the catalytic fast pyrolysis of glucose high aromatic contents can be achieved by maximizing 
the catalyst amount to reduce the impact of homogeneous bulk phase reactions, that enhance 
coke formation. 
5.5 Conclusions 
1D reactor simulations of bimodal reaction sequences have shown that the higher catalyst 
amounts in fixed bed reactors compared to slurry reactors result in higher heterogeneous 
product yields in the former as compared to the latter. Lower adsorption equilibrium 
coefficients for the heterogeneous reaction product can be compensated by higher catalyst 
amounts, particularly when the adsorption on the catalyst surface is weak. 
In a consecutive reaction scheme, where 1 or 2 reversible homogeneous bulk phase reactions 
precede the heterogeneously catalyzed formation of the final products, competitive adsorption 
between intermediates is the predominant factor in the product distribution, especially for the 
homogeneous reaction product. A counter intuitive maximum is always present for the 
homogeneous reaction product and thus a catalyst amount exists which allows the 
maximization of the homogeneous reaction product. At lower catalyst amounts the 
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heterogeneous reaction is too slow to convert significant amounts of the homogeneous 
intermediate to the homogeneous product while at higher catalyst amounts the formation of 
both the homogeneous intermediate and product are reduced because more of the 
heterogeneous intermediate is converted to the heterogeneous product. 
This maximum of the homogeneous product yield becomes more pronounced when the 
homogeneous steps in the bimodal reaction sequence are considered to be reversible. The 
presence of the reaction products on the catalyst surface greatly affects the heterogeneous 
reaction product yield as a consequence of increased competitive adsorption on the catalytic 
surface. Again counter intuitively, homogeneous product yields are slightly enhanced at high 
catalyst amounts in this case. The reversibility of the heterogeneously catalyzed steps reduces 
the potential to tune the reactor performance in bimodal reaction sequences. 
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Large-scale exploitation of bimodal reaction 
sequences including degradation: Comparison 
of jet loop and trickle bed reactor performance 
 
 
Product yield optimization in bimodal reaction sequences, including degradation, has been 
performed considering three-phase reactors such as the jet loop and trickle bed reactor. The 
considered reaction network comprises two consecutive, homogeneous reaction steps towards 
intermediates which are converted to the corresponding final products by heterogeneously 
catalyzed reactions. Simultaneously the reactant and the considered intermediates are 
susceptible to irreversible degradation. In the jet loop reactor the so-called ‘homogeneous 
product’ is the main product, the remaining challenge, hence, being the reduction of 
degradation. For the trickle bed reactor gas-liquid mass phase transfer plays a prominent role 
in its ultimate performance. Higher gas flow rates may be employed in the trickle bed reactor 
to overcome potential mass transfer limitations and selectively form the ‘heterogeneous 
product’. Lower gas flow rates result in a less effective gas dissolution in the liquid phase and 
product selectivities change towards the ‘homogeneous product’, rendering avoiding 
degradation difficult. These observations were verified by performing reactor simulations for 
glucose reductive aminolysis. In accordance with the generic reaction scheme TMEDA was 
the main product in the jet loop reactor. Employing the reaction kinetics as elucidated in 
Chapter 4, homogeneous degradation cannot be entirely suppressed in the trickle bed reactor 
and TMEDA is the only desired product that can be formed in relevant yields. 
Part of the results of this chapter are published as: 
Poissonnier, J., J. W. Thybaut, and G. B. Marin, (2017). Large-Scale Exploitation of Bimodal 
Reaction Sequences Including Degradation: Comparison of Jet Loop and Trickle Bed Reactors. 
Industrial & Engineering Chemistry Research. doi:10.1021/acs.iecr.7b03226 
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6.1 Introduction 
In Chapter 5 the effect of the catalyst amount on the product spectrum in bimodal reaction 
sequences was discussed. In the present Chapter, the framework is extended by additionally 
accounting for gaseous reactants, including the potential limitations with respect to the gas-
liquid mass transfer, as well as for degradation reactions. As a result, the rather abstract but 
more generic case study as presented in Chapter 5 is rendered more realistic and closer to 
glucose reductive aminolysis. Reactor simulations are performed aiming at the selective 
production of heterogeneous or homogeneous reaction products while avoiding degradation. 
The transfer of a light gas and its dissolution in the liquid phase plays a critical role in this 
respect. The considered reactor types range from slurry to fixed bed reactors, the jet loop reactor 
being representative for the former reactor type and the trickle bed for the latter reactor. 
6.2 Reaction network and kinetics 
The considered reaction network, see Figure 6-1, is an extended version of the one employed 
in Chapter 5. It involves the formation of a heterogeneous product ‘Phet’ and a homogeneous 
product ‘Phom’ and is based on glucose reductive aminolysis [1], see also Chapter 4. 
In a first step a non-volatile reactant ‘A’ mixed with a solvent reacts with a reactant ‘B’, 
having a non-negligible vapor pressure, in the liquid phase with the formation of two identical 
heterogeneous intermediates, denoted as ‘Ihet’. This heterogeneous intermediate can be 
converted to the homogeneous intermediate ‘Ihom’ through a consecutive liquid phase reaction. 
Both intermediates can be converted to the respective products via a heterogeneously catalyzed 
reaction with a dissolved gas ‘X’. The components A, Ihet and Ihom are, furthermore, susceptible 
to unimolecular, irreversible degradation to the components represented with the subscript ‘D’ 
in Figure 6-1. 
The first step is based on the reaction of a carbohydrate molecule containing four carbon 
atoms, erythrose, which is dissolved in water, with dimethylamine towards two molecules 
consisting of two carbon atoms in the carbohydrate backbone. A condensation of 
dimethylamine with the carbohydrate and a retro-aldol cleavage reaction step are, thus, lumped 
together in this single, global step. The consecutive homogeneous reaction corresponds with 
the keto-enol tautomerism while the heterogeneously catalyzed reactions are hydrogenations. 
The degradation reactions comprise all possible steps involved in carbohydrate degradation. 
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Figure 6-1: Reaction network used for the optimization study. Homogeneous 
bulk phase reactions are represented by green full lines while heterogeneously 
catalyzed reactions are represented by red dotted lines. The corresponding 
rate and equilibrium coefficients are reported in Table 6-1. 
The rate coefficients used for the reaction network given in Figure 6-1 are reported in 
Table 6-1, along with the values of the adsorption equilibrium coefficients and thermodynamic 
equilibrium coefficients. These values originate from Chapter 4 but have been extended and 
tuned to better illustrate the effects of the various phenomena that may occur with the presently 
considered reaction network [1, 2]. Amongst others, this tuning involves capturing the effects 
of homogeneous catalysis, as they occur in the reductive aminolysis, in the considered rate 
coefficients, i.e. in k1 and k3. 
Table 6-1: Rate coefficients, equilibrium coefficients and adsorption 
coefficients for the reaction network shown in Figure 6-1. 
Rate coefficients Thermodynamic equilibrium coefficients [-] 
k1 [mL
3 mol-1 s-1] 5·10-6 K1 1·10
1 
k2 [mol kgcat
-1 s-1] 5·10-1 K3 1·10
2 
k3 [s




-4 Kads,Ihet = Kads,Ihom 1·10
-1 
  Kads,X 1 
Equations (6-1) to (6-7) illustrate how the reaction rates are calculated for the reaction 
network shown in Figure 6-1. Mathematically, it is most straightforward to express both the 
rates of the heterogeneously catalyzed and homogeneous bulk phase reactions as a function of 
the reactor volume. In this way these expressions can be directly used in the corresponding 
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-3 s-1] (6-4) 
LADCkr 5  [mol mr
-3 s-1] (6-5) 
LID het
Ckr 6  [mol mr
-3 s-1] (6-6) 
LID omh
Ckr 7  [mol mr
-3 s-1] (6-7) 
In Eqs. (6-1) to (6-7) εL represents the liquid fraction, Wcat the catalyst mass and Vr the 
corresponding reactor volume. In Eqs. (6-1) – (6-7) the liquid concentrations of X and B, CX 
and CB, are calculated according to the vapor-liquid equilibrium in the jet loop reactor. In the 
trickle bed reactor gas-liquid mass transfer is included in the mass balance, see Eqs. (2-22) and 
(2-23). In Eqs. (6-2) and (6-4) the quadratic terms stem from the reaction occurring on two 
active sites. 
6.3 Reactor simulations 
Large-scale reactor simulations were performed to assess the effects of varying the operating 
conditions on the product spectrum. In what follows the B/A molar ratio, the X/A molar ratio 
and the total pressure were varied. In addition, the catalyst mass contained in the jet loop reactor 
was also varied, while the effect of varying the total feed flow rate on the product spectrum 
was examined in the trickle bed reactor. The variation of some of these operating conditions 
might be less relevant in one of the reactors as compared to the other one. Nevertheless, all 
effects have been considered for both reactor types to allow a direct comparison from the one 
reactor type to the other. 
6.3.1 Jet loop reactor 
The reactor vessel and the loop have a volume of 4.75 m3 and 0.63 m3 respectively. At 
present, a jet loop reactor with such dimensions is used commercially for reactions such as 
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aminations with a typical annual production of 1-2 kton/year. All simulations were performed 
at conditions where the vapor pressure of the volatile reactant B amounts to 2.2 MPa. The 
volumetric flow rate imposed by the pump in the loop amounts to 250 m3 h-1. The reactant A is 
always diluted 30-fold in the solvent. The simulations are performed with an initial amount of 
liquid in the reactor of approximately 3.75 m3. 
The composition of the mixture in the jet loop reactor is presented in Figure 6-2 for the 
reference case. 
 
Figure 6-2: Molar heterogeneous (Phet) and homogenous (Phom) product yields 
as a function of time in the jet loop reactor for the reference case. 
(nA0 = 1300 mol, B/A = 20 mol mol-1, X/A = 30 mol mol-1, ptot = 7.5 MPa, 
Wcat = 60 kg). Product yields were calculated using model simulated 
compositions from Eqs. (2-6) - (2-12) and the parameters shown in Table 6-1. 
 Phet,  Phom,  Degradation,  Intermediates. 
The homogeneous product is clearly the most abundant product in the jet loop reactor. This 
could intuitively already be expected given the low catalyst-to-liquid ratio typical for this 
reactor type and, hence, bulk liquid phase reactions being favored over heterogeneously 
catalyzed ones. It can be clearly seen from Figure 6-2 that full conversion of A, mainly to the 
intermediates, is reached quite rapidly. The latter are subsequently converted to the 
homogeneous product with a 90% yield, apart from a 6% yield towards the heterogeneous 
product and 4% of degradation products.  
The effect of increasing the B/A molar ratio, in the jet loop reactor corresponding to a 
decrease in the initial amount of A to maintain the initial amount of liquid in the reactor, from 
10 to 40 is shown in Figure 6-3 (a). The heterogeneous product yield increases from 3% to 12% 
and the yield of the degradation products decreases from 8% to 2%. The yield of the 
homogeneous product initially increases by 1.5% to a maximum value of 91% but subsequently 
decreases again as the B/A molar ratio exceeds 20 mol mol-1, with a 86% yield being reached 
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at a B/A molar ratio of 40 mol mol-1. Several phenomena contribute to the observed yield 
changes. First of all, as the B/A molar ratio increases, r1 is relatively enhanced compared to 
degradation of A. In general the liquid concentration of A and the intermediates is lower which 
leads to lower degradation rates. In addition, the ratio of the catalyst to A increases such that 
the heterogeneously catalyzed reactions are more favored. At a B/A molar ratio up to 
20 mol mol-1 this results in both increased yields of Phet and Phom while there is significant 
competition between the conversion of Ihet to Ihom(r3) and to Phet(r2) at higher B/A molar ratios. 
Hence, the heterogeneous product yield continuously increases while the homogeneous product 
yield decreases at a B/A molar ratio exceeding 20 mol mol-1. 
Varying the X/A molar ratio from 10 to 40 mol mol-1 only has a limited effect on the product 
spectrum, as can be seen in Figure 6-3 (b). The homogeneous product yield amounts to 90% in 
both cases while the heterogeneous product yield increases by 1% upon decreasing the X/A 
molar ratio and correspondingly the amount of degradation reactions is decreased. This at first 
sight counter intuitive effect, can be rationalized by accounting for the vapor-liquid equilibrium, 
i.e., the fraction of B in the liquid phase increases from 34%, when X/A = 30 mol mol-1, to 36%, 
when X/A = 10 mol mol-1, and, hence, the reaction rate r1 increases correspondingly as 
compared to the degradation rate. As long as sufficient X is available to saturate the liquid phase 
with it, the exact X/A molar ratio only impacts on the X concentration in the liquid phase to a 
limited extent. 
A total pressure increase, as shown in Figure 6-3 (c), has a similar but even less pronounced 
effect on the liquid fraction of B as decreasing the X/A molar ratio. Hence, only slight yield 
increases in heterogeneous product and decreases in degradation products are observed with 
varying the total pressure. 
Increasing the catalyst mass significantly reduces the amount of degradation products, thus 
favoring the formation of Phom and Phet, see Figure 6-3 (d). As was shown in Chapter 5 the yield 
of the homogeneous product exhibits a broad maximum as a function of the catalyst amount 
while the heterogeneous product yield steadily increases. 
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Figure 6-3: Molar heterogeneous (Phet) and homogenous (Phom) product yields 
as a function of varying operating conditions in the jet loop reactor. (a) 
Variation of the B/A molar ratio while X/A = 30 mol mol-1, ptot = 7.5 MPa, 
Wcat = 60 kg, (b) Variation of the X/A molar ratio while B/A = 20 mol mol-1, 
ptot = 7.5 MPa, Wcat = 60 kg, (c) Variation of the total pressure while 
B/A = 20 mol mol-1, X/A = 30 mol mol-1, Wcat = 60 kg, (d) Variation of the 
catalyst mass while B/A = 20 mol mol-1, X/A = 30 mol mol-1, ptot = 7.5 MPa. 
Product yields were calculated using model simulated compositions from 
Eqs. (2-6) - (2-12) and the parameters shown in Table 6-1.  Phet,  Phom, 
 Degradation. 
 
6.3.2 Trickle bed reactor 
A continuous flow reactor, with a diameter of 1 m and a length of 4 m was selected for the 
simulations presented below. These values allow for flexibility in the trickle flow regime while 
similar optimal product yields can be achieved on a yearly basis compared to the jet loop reactor 
with a limited number of tubes. The bulk density of the catalyst bed ρbed, defined as Wcat/Vr, is 
assumed to amount to 1000 kgcat mr
-3 and the reactant A is diluted 30-fold in the solvent. 
The composition of the mixture as a function of the axial coordinate x is presented in 
Figure 6-4 for the reference case. 
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Figure 6-4: Molar heterogeneous (Phet) and homogenous (Phom) product yields 
as a function of the axial coordinate in the trickle bed reactor for the reference 
case. (FA0 = 1.25 × 10-1 mol s-1, B/A = 20 mol mol-1, X/A = 30 mol mol-1, 
ptot = 7.5 MPa) Product yields were calculated using model simulated 
compositions from Eqs. (2-22) - (2-25) and the parameters shown in Table 6-1. 
 Phet,  Phom,  Degradation,  Intermediates. 
From Figure 6-4 it can be observed that the heterogeneous product is the most abundantly 
obtained one, apart from a significant amount of homogeneous product and only a marginal 
fraction of degradation products. The presence of a significant amount of homogeneous product 
is, at least partially, counterintuitive for a reactor with a high catalyst-to-liquid ratio. At the 
investigated operating conditions the heterogeneous product yield amounts to 60% while that 
of the homogeneous product remains as high as 40%. This unexpected observation stems from 
pronounced mass transfer limitations for the gaseous reactant X to the liquid phase. Instead the 
mass transfer is somewhat slower than the rate at which X reacts with Ihet to Phet. Hence, in the 
liquid phase being poor in X, Ihet is rather further converted to Ihom and, ultimately, to Phom. 
When the B/A molar ratio is increased, see Figure 6-5 (a), the yield of the heterogeneous 
product exhibits a minimum and then increases whereas the yield of the homogeneous product 
exhibits a maximum and, subsequently, decreases. The latter maximum was also observed in 
the jet loop reactor while the minimum in heterogeneous product yield was not. The presence 
of a higher amount of B and, hence, also a higher gas flow rate, results in an enhanced gas-liquid 
mass transfer coefficient explaining why more heterogeneous product is formed at a higher B/A 
molar ratio in the trickle bed reactor while suppression of degradation was the main effect in 
the jet loop reactor. 
A similar, and much more pronounced, effect is observed when the X/A molar ratio is 
increased as shown in Figure 6-5 (b). The yield of Phet then increases to 80% while the yield of 
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Phom drops to 19% when the X/A molar ratio is increased from 20 to 40 mol mol
-1. A further 
increase of this X/A molar ratio to 100 mol mol-1 results in a further increased yield of Phet as a 
consequence of the strongly, by a factor of 2 for the gaseous reactant X and even higher for the 
liquid-phase reactant with a considerable vapor pressure B, enhanced gas-liquid mass transfer. 
The resulting yield of the heterogeneous product amounts to no less than 98% at these 
conditions. In the jet loop reactor the change in liquid phase concentration of B was the 
predominant effect of varying the X/A molar ratio resulting in lower heterogeneous product 
yields at higher X/A molar ratios. In the trickle bed, on the other hand, the enhanced gas-liquid 
mass transfer is the main effect of increasing the X/A molar ratio, resulting in increased 
heterogeneous product yields. 
A total pressure increase results in a decrease of the heterogeneous product yield and a 
corresponding increase of the homogeneous product yield, see Figure 6-5 (c). The overall 
gas-liquid mass transfer coefficient for X increases with the total pressure and thus it would be 
expected that the heterogeneous product would be more favored. As described for the jet loop 
reactor the pressure increase also results in a larger fraction of the volatile reactant B in the 
liquid phase. In this case the mole fraction of B in the liquid phase increases at the expense of 
the solvent resulting in a significant increase of r1. Therefore the concentration of Ihet is so 
abundant that even the higher amount of X transferred to the liquid phase is not enough to shift 
the product spectrum towards Phet, particularly when the amount of X dissolved in the liquid 
approaches saturation. 
Figure 6-5 (d) shows the effect of varying the feed flow rate of A while keeping all molar 
ratios constant and, hence, varying the total gas and liquid flow rate, within the trickle flow 
regime. The selectivity shift from the homogeneous product to the heterogeneous product is 
immediately evident. Both the increase in the liquid phase concentration of B and, especially, 
the increase of the overall gas-liquid mass transfer coefficient for X are significant. The former 
explains the initial buildup of intermediates and formation of some Phom, up to a certain point, 
after which no more intermediates are present. The remainder of A is then converted to Ihet and 
directly to Phet. Ultimately the transfer of X becomes sufficiently fast to selectively produce Phet. 
The optimum Phet yield in Figure 6-5 (d) can be explained by the incomplete conversion of the 
reactant A at the highest feed rates. 
Chapter 6: Large-scale exploitation of bimodal reaction sequences including degradation: 
Comparison of jet loop and trickle bed reactor performance 
92 
 
Figure 6-5: Molar heterogeneous (Phet) and homogenous (Phom) product yields 
as a function of varying operating conditions in the trickle bed reactor. (a) 
Variation of the B/A molar ratio while FA0 = 1.25 × 10-1 mol s-1, 
X/A = 30 mol mol-1, ptot = 7.5 MPa, (b) Variation of the X/A molar ratio while 
FA0 = 1.25 × 10-1 mol s-1, B/A = 20 mol mol-1, ptot = 7.5 MPa, (c) Variation of 
the total pressure while FA0 = 1.25 × 10-1 mol s-1, B/A = 20 mol mol-1, 
X/A = 30 mol mol-1, (d) Variation of the feed flow rate while 
B/A = 20 mol mol-1, X/A = 30 mol mol-1, ptot = 7.5 MPa. Product yields were 
calculated using model simulated compositions from Eqs. (2-22) - (2-25) and 
the parameters shown in Table 6-1.  Phet,  Phom,  Degradation. 
6.4 Discussion 
6.4.1 Comparison of the different reactors and overall product 
optimization 
Product yields, under realistic conditions, in the jet loop reactor always lean towards the 
homogeneous product and do not vary greatly. The only realistic aim when selecting this reactor 
clearly is the production of Phom and, apart from that, suppress the formation of degradation 
products. Several combinations of operating conditions resulted in a Phom yield of 91%, along 
with 5% Phet. 
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The simulated trickle bed reactor behavior is more complex. The heterogeneously catalyzed 
reaction steps are favored as long as the overall gas-liquid mass transfer of the gaseous reactant 
X is not limiting. A combination of a higher flow rate of A at the lowest operating pressure with 
elevated B/A and X/A molar ratios results in 98% Phet yield and 1% Phom, see Figure 6-6 (a). 
More challenging is the optimization of the Phom yield in a trickle bed reactor. The latter can be 
achieved at lower flow rates of A at the highest operating pressure and lower B/A and X/A 
molar ratios resulting in a 89% Phom yield and 7% of Phet, see Figure 6-6 (b). Also, a non-
negligible amount of degradation products is present in the reaction mixture. Note that this 
maximum Phom yield approaches that obtained in the jet loop reactor. The trickle bed reactor, 
hence, allows a broader variety of product spectra since gas-liquid mass transfer limitations can 
be avoided or, on the contrary, exploited to tune the product spectrum either way. This tuning 
is only possible as long as the trickle bed reactor does not have a high length to diameter ratio. 
Optimal exploitation of such a reactor would lead to higher flow rates and, hence, enhanced 
mass transfer which, ultimately, will always result in high heterogeneous product selectivities. 
Accounting for the exothermicity of glucose reductive aminolysis could lead to degradation 
reactions becoming more pronounced. The latter is expected to be especially so for the trickle 
bed reactor due to more challenging temperature control and is assessed in the subsequent 
section. 
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Figure 6-6: Molar heterogeneous (Phet) and homogenous (Phom) product yields 
as a function of the axial coordinate in the trickle bed reactor. (a) Maximal 
heterogeneous product yield (FA0 = 2.5 × 10-1 mol s-1, B/A = 40 mol mol-1, 
X/A = 60 mol mol-1, ptot = 6.0 MPa). (b) Maximal homogeneous product yield 
(FA0 = 6.25 × 10-2 mol s-1, B/A = 10 mol mol-1, X/A = 20 mol mol-1, 
ptot = 9.0 MPa) Product yields were calculated using model simulated 
compositions from Eqs. (2-22) - (2-25) and the parameters shown in Table 6-1. 
 Phet,  Phom,  Degradation,  Intermediates 
 
6.4.2 Application to the reductive aminolysis of glucose with 
DMA 
The effects of varying operating conditions in the different reactor setups as described in 
Section 6.3. are now evaluated for the reductive aminolysis of glucose with DMA, see 
Chapter 4 (Figure 4-1) for the corresponding reaction network. The reaction rates Eqs. (4-7) – 
(4-15) with the parameters presented in Table 4-1 and Table 4-2 are used for the simulations 
in this section. The more complex chemistry and more pronounced degradation are the main 
challenges faced in this optimization of DMAE and or TMEDA production during the 
reductive aminolysis of glucose with DMA in a jet loop reactor and a trickle bed reactor. The 
jet loop reactor has the same dimensions as described above, while a large lab scale trickle bed 
reactor was simulated. Simulated product yields can then directly be related with the 
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experimental data measured at Eastman Chemical Company. Compared to the previous 
simulations the exothermicity of the reactions and temperature control using heat exchangers 
is included for large-scale simulations of the reductive aminolysis. 
6.4.2.1 Jet loop reactor 
The composition of the mixture in the jet loop reactor is presented in Figure 6-7. It is 
immediately evident that degradation is more pronounced and that the selectivity towards the 
homogeneous product TMEDA only amounts to 37%, while the selectivity towards DMAE 
amounts to 16%. The temperature exhibits a maximum when the intermediates concentration 
is also maximal and, hence, when hydrogenation reactions, which generate the most 
pronounced exothermicity, reach their highest rates. This maximal temperature increase is 
limited to 13 K and the heat is efficiently removed as evidenced from the fast temperature 
decrease once the maximum is obtained. Yet, given the high activation energy of the 
degradation reactions, the latter occur to a significant extent in the course of this (limited) 
temperature excursion. 
 
Figure 6-7: Molar product yields of the reductive aminolysis of glucose with 
dimethylamine as a function of time in the jet loop reactor for the reference 
case. (nglucose0 = 2250 mol, nDMA/nglucose0 = 12 mol mol-1, 
nH2/nglucose0 = 5 mol mol-1, ptot = 7.5 MPa, T = 398 K, Wcat = 35 kg) Product 
yields were calculated using model simulated compositions from 
Eqs. (2-6) – (2-12), temperature is simulated from Eqs. (2-13) - (2-15), and the 
parameters presented in Table 4-1 and Table 4-2.  DMAE,  TMEDA, 
 Undesired products,  Intermediates,  Temperature. 
Operating conditions can be varied such that degradation is avoided, to a maximal extent, 
while focusing also on maximizing the TMEDA yield. Figure 6-8 (a) shows the effect of 
varying the set temperature in the jet loop reactor. TMEDA exhibits a maximum yield of 42% 
at 386 K, but this maximum is not very pronounced. At higher temperatures degradation 
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significantly increases and, hence, the formation of both DMAE and TMEDA is reduced. 
Figure 6-8 (b) shows the effect of varying the initial molar ratio of DMA to glucose. Higher 
amounts of DMA lead to higher TMEDA yields. As explained before, the latter is a direct result 
of the lower glucose concentration resulting in less degradation. This reduced degradation can 
also be observed from Figure 6-8 (b). 
 
Figure 6-8: Molar product yields of the reductive aminolysis of glucose with 
dimethylamine as a function of varying operating conditions in the jet loop 
reactor. (a) Variation of operating temperature while nglucose0 = 2250 mol, 
nDMA/nglucose0 = 12 mol mol-1, Wcat = 35 kg, ptot = 7.5 MPa, 
nH2/nglucose0 = 5 mol mol-1, (b) T = 398 K, Wcat = 35 kg, ptot = 7.5 MPa, 
nH2/nglucose0 = 5 mol mol-1. Product yields were calculated using model 
simulated compositions from Eqs. (2-6) - (2-12), temperature is simulated 
from Eqs. (2-13) - (2-15), and the parameters presented in Table 4-1 and 
Table 4-2.  DMAE,  TMEDA,  Undesired products. 
Figure 6-9 shows the optimized product spectrum in the jet loop reactor. Selection of the 
catalyst mass is crucial as shown earlier and a total catalyst mass of 35 kg is selected. Lower 
catalyst masses result in product spectra with more degradation while higher catalyst masses 
result in more DMAE formation and, hence, a lower TMEDA yield. The initial amount of 
glucose is 850 mol and a molar ratio of DMA to glucose of 40 mol mol-1 is selected, while the 
temperature is 390 K and the total pressure is 7.5 MPa. Ultimately, the TMEDA yield amounts 
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to 57%, while the DMAE yield amounts to 12%. Thus, the overall product spectrum is very 
similar to the one obtained on the lab scale during the fed-batch experimentation. 
 
Figure 6-9: Optimized product yields of the reductive aminolysis of glucose 
with dimethylamine as a function of time in the jet loop reactor. 
(nglucose0 = 850 mol, nDMA/nglucose0 = 40 mol mol-1, nH2/nglucose0 = 10 mol mol-1, 
ptot = 7.5 MPa, T = 390 K, Wcat = 35 kg) Product yields were calculated using 
model simulated compositions from Eqs. (2-6) - (2-12), temperature is 
simulated from Eqs. (2-13) - (2-15), and the parameters presented in Table 4-1 
and Table 4-2.  DMAE,  TMEDA,  Undesired products, 
 Intermediates,  Temperature. 
6.4.2.2 Trickle bed reactor 
From the generic simulations, see Section 6.3.2, it could be seen that properly regulating 
gas-liquid mass transfer is the most important factor in the optimization of the product yields 
in trickle bed reactors. In an attempt to immediately suppress degradation a high nH2/nglucose
0 
ratio is considered and, in addition, the nDMA/nglucose
0 ratio amounts to 40 mol mol-1. This 
corresponds to the instantaneous nDMA/nglucose
0 ratio in the fed-batch experiments, rather than 
the overall one and was also optimal for TMEDA yield maximization in the jet loop reactor. 
Simulations are performed considering a large lab-scale reactor with a length of 1.17 m and a 
diameter of 0.015 m, wherein verification experiments have been performed. Because 
temperature control is not straightforward in the trickle bed reactor, see below, isothermal 
simulations pointing out the main effects of varying operating conditions on the product 
spectrum in glucose reductive aminolysis are considered first. Pressure drop was calculated to 
be negligible (< 10 kPa/m) according to the correlations of Clements and Schmidt, Sweeney 
and Larachi [3-5]. 
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Isothermal simulations 
The composition of the mixture as a function of the axial position in the trickle bed reactor 
is presented in Figure 6-10 for the reference case. Even with the high amounts of hydrogen 
used TMEDA is the main product as can be seen from the simulated product yields, see 
Figure 6-10 (a). The simulated TMEDA yield amounts to 37%, while almost no DMAE is 
formed. 
 
Figure 6-10: Molar product yields of the reductive aminolysis of glucose with 
dimethylamine as a function of the axial coordinate in the isothermally 
operated trickle bed reactor for the reference case. (Fglucose0 = 2.57·10-6 mol s-1, 
nDMA/nglucose0 = 40 mol mol-1, nH2/nglucose0 = 120 mol mol-1, ptot = 7.5 MPa, 
T0 = 390 K, ρbed = 1000 kgcat mr-3) Product yields were calculated using model 
simulated compositions from Eqs. (2-22) - (2-25), and the parameters 
presented in Table 4-1 and Table 4-2.  DMAE,  TMEDA, 
 Undesired products,  Intermediates. 
A higher nDMA/nglucose
0 ratio results in a significant TMEDA yield enhancement, from 36% 
at a nDMA/nglucose
0 ratio of 40 mol mol-1 to 57% at a nDMA/nglucose
0 ratio of 120 mol mol-1, as can 
be seen from Figure 6-11 (a). This observation is in stark contrast with the case discussed 
above, where an increase of the B/A inlet molar ratio led to a higher heterogeneous product 
yield and correspondingly decreased homogeneous product yield. Several phenomena 
contribute to the enhanced TMEDA yield, firstly the higher nDMA/nglucose
0 ratio leads to lower 
glucose concentrations and, hence, leads to suppressing the degradation reactions. Secondly, 
more DMA molecules are required during the formation of TMEDA as compared to DMAE 
and, hence, a higher nDMA/nglucose
0 ratio leads to more TMEDA formation. Thirdly, the 
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keto-enol tautomerism, which is a key step in tuning the selectivity between DMAE and 
TMEDA, is base-catalyzed by DMA. Finally, higher mass transfer coefficients are achieved 
using the higher feed rate of DMA. 
 
Figure 6-11: Molar DMAE and TMEDA yields as a function of varying 
operating conditions in the isothermally operated trickle bed reactor. (a) 
Variation of nDMA/nglucose0 molar ratio while Fglucose0 = 2.57·10-6 mol s-1, 
nH2/nglucose0 = 120 mol mol-1, T = 390 K, ptot = 7.5 MPa, (b) Variation of 
nH2/nglucose0 molar ratio while Fglucose0 = 2.57·10-6 mol s-1, 
nDMA/nglucose0 = 40 mol mol-1, T = 390 K, ptot = 7.5 MPa, (c) Variation of 
temperature while Fglucose0 = 2.57·10-6 mol s-1, nH2/nglucose0 = 120 mol mol-1, 
T = 390 K, ptot = 7.5 MPa, (d) Variation of Fglucose0 while 
nH2/nglucose0 = 120 mol mol-1, nDMA/nglucose0 = 40 mol mol-1, T = 390 K, 
ptot = 7.5 MPa. Product yields were calculated using model simulated 
compositions from Eqs. (2-22) - (2-25), and the parameters presented in 
Table 4-1 and Table 4-2.  DMAE,  TMEDA, 
 Undesired products. 
Figure 6-11 (b) shows that a higher nH2/nglucose
0 ratio results in higher desired product yields, 
mainly TMEDA, and a reduced amount of degradation. The effect is less pronounced than in 
the previously discussed case for the X/A ratio. 
A higher temperature results in more significant degradation and a corresponding decrease 
in the TMEDA yield as can be seen from Figure 6-11 (c). The DMAE yield exhibits a weak 
optimum but overall the DMAE yield remains less than 1%. 
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Higher total feed flow rates again result in enhanced mass transfer, see Figure 6-11 (d) for 
the variation of FA
0, and, hence, result in enhanced hydrogenation rates. This ultimately leads 
to a significant increase of the TMEDA yield from 18% to 59% when Fglucose
0 is increased from 
1.29·10-6 mol s-1 to 5.14·10-6 mol s-1, nevertheless the DMAE yield remains below 5%. 
Non-isothermal simulations 
Figure 6-12 (a) shows the simulated glucose aminolysis product spectrum when the reaction 
exothermicity and heat exchange are taken into account. It can be seen from this figure that 
temperature control is very poor and a temperature increase of 18 K is observed which cannot 
be avoided. Correspondingly, a maximum TMEDA yield amounting to 37% is simulated. 
Compared to isothermal operation, the TMEDA yield is, hence, 20% lower as a consequence 
of more pronounced degradation at the higher temperatures, see also Figure 6-11 (a). 
 
Figure 6-12: Molar product yields of the reductive aminolysis of glucose with 
dimethylamine in the trickle bed reactor. (Fglucose0 = 2.57·10-6 mol s-1, 
nDMA/nglucose0 = 120 mol mol-1, nH2/nglucose0 = 120 mol mol-1, ptot = 7.5 MPa, 
T = 390 K, ρbed = 1000 kgcat mr-3) (a) Calculated product yields using model 
simulated compositions from Eqs. (2-22) - (2-25), temperature is simulated 
from Eqs. (2-26) - (2-28), and the parameters presented in Table 4-1 and 
Table 4-2 as a function of the axial coordinate. (b) Experimentally measured 
product yields as a function of time.  DMAE,  TMEDA, 
 Undesired products,  Intermediates,  Temperature. 
The experimental validation in the considered reactor is shown in Figure 6-12 (b). The 
steady-state TMEDA yield amounts to 40%, while almost no DMAE is formed. Thus, the 
model succeeds in predicting the trickle bed reactor yields accurately when the most important 
phenomena, i.e. gas-liquid mass transfer and temperature profiles due to exothermicity, are 
accounted for. 
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6.5 Conclusions 
Reactor simulations for a bimodal reaction sequence including degradation reactions allow 
the interpretation and optimization of homogeneous and heterogeneous product yields. While 
higher homogeneous product yields are typically obtained in a reactor with a low catalyst-to-
liquid ratio such as a jet loop reactor, a trickle bed reactor configuration easily allows the 
optimization of the heterogeneous product yield. The inherent efficient mixing in the CSTR 
section of the jet loop reactor limits the flexibility in the product yields that can be obtained 
with this reactor. The homogeneous product is always obtained in the highest amounts and the 
focus of an optimization study for this reactor is primarily to reduce the extent of degradation 
products and secondly to reduce the extent of product loss through the formation of 
heterogeneous product. On the other hand, in a reactor with a high catalyst-to-liquid ratio such 
as a trickle bed reactor, the product spectrum can be tuned to a greater extent. Mass transfer 
limitations of the gaseous reactant directly interfere in the reaction rates of the heterogeneously 
catalyzed steps. Maximization of the mass transfer, mainly by increasing the feed flow rate of 
the gaseous reactant, results in a very high heterogeneous product yield, up to 99% in the best 
case. Reducing this flow rate can completely shift the product spectrum towards the 
homogeneous product. In this case the goal is again to reduce the amount of degradation 
reactions and the extent at which the heterogeneous product is formed, rendering the challenge 
similar to operating the jet loop reactor. 
The trends that were observed with these simulations of a generic reaction scheme were also 
observed when considering the more complex glucose aminolysis chemistry. The 
homogeneous product, TMEDA, is indeed the most abundantly obtained one in the jet loop 
reactor with yields amounting to 57%, while a non-negligible amount of DMAE is formed. The 
product spectrum, thus, corresponds closely to the one obtained in (fed-)batch mode on the lab 
scale. An acceptable temperature control is achieved in the jet loop reactor, such that 
temperature increases are cancelled out quickly. This temperature control is, on the contrary, 
the main issue in the trickle bed reactor where TMEDA yield losses up to 20% are observed as 
a consequence of poor temperature control and, hence, more pronounced degradation at higher 
temperatures. The model predicted and experimentally observed TMEDA yield of 40%, hence, 
shows that the trickle bed reactor is not the most suited reactor to exploit this complex 
chemistry to its full potential due to poor temperature control and mass transfer.  
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Conclusions and perspectives 
 
 
A novel route for biomass valorization into small amines has been quantified. Using glucose 
as model compound the reaction pathway towards an aminoalcohol, 
N,N-dimethylaminoethanol (DMAE), and a diamine, N,N,N’,N’-tetramethylethylenediamine 
(TMEDA), including the corresponding kinetics, has been elucidated. The reductive aminolysis 
of glucose with dimethylamine (DMA) as an aminating agent is a complex transformation 
involving homogeneous base catalysis, heterogeneous acid catalysis and heterogeneous metal 
catalysis. Apart from the case study of glucose aminolysis, both experimentally and via kinetic 
model construction, the more generic performance of so-called bimodal reaction sequences, i.e. 
chemical reactions that involve both homogeneous bulk phase and heterogeneously catalyzed 
reactions, was investigated at various levels of complexity with respect to considered phases, 
number of reactions and reactor types. 
In Chapter 3, batch glucose reductive aminolysis experiments have shown that TMEDA 
yields can be optimized by maximizing the initial hydrogen pressure and maintaining a high 
total pressure, preferably with excess hydrogen. In this way enamines, such as 
N,N-dimethylaminoethenol and N,N,N’,N’-tetramethylethenediamine, can be hydrogenated 
sufficiently fast and are not, or at least to a much lesser extent, converted to degradation 
products. An excess of the aminating agent compared to glucose, strongly exceeding the 
stoichiometrically required molar ratio of 6 to 1, is also beneficial for the TMEDA yield as full 
conversion of glucose to TMEDA requires the highest amount of aminations. Modifying the 
batch reactor into a fed-batch one in which glucose was fed when the reaction conditions in 
terms of temperature and total pressure were already established allowed to increase the carbon 
balances from typically 60% in the batch experiments to minimum 75% with a maximum of 
93%. These experiments showed that higher DMAE and TMEDA yields, up to 15% and 60% 
respectively, could be achieved in fed-batch operation when the temperature was better 
controlled at 398 K. In contrast to the intermediates formed as part of the reductive aminolysis, 
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the end products are stable and not susceptible to further degradation at the investigated reaction 
conditions. 
These fed-batch data allowed the construction of a kinetic model for the reductive aminolysis 
of glucose with DMA, see Chapter 4. The model accurately reproduces the formation of DMAE 
and TMEDA as desired products, as well as N,N-dimethylglucamine and 
N,N-dimethylamino-1,2,3-butanetriol as side products, next to the unavoidable degradation. 
The model parameters are statistically significant, physically meaningful and with binary 
correlation coefficients not higher than 0.80. The model serves as mathematical validation of 
the experimentally observed retro-aldol at temperatures as low as 383 K, by showing that the 
activation energy for the retro-aldol cleavage reaction is significantly lower after a prior 
amination. 
Using 1D reactor simulations two-phase bimodal reaction sequences have been investigated 
in different reactor types in Chapter 5. Higher catalyst amounts favor the formation of the 
heterogeneous reaction product, i.e., that formed after a minimum of homogeneous steps, while 
a maximum is exhibited for the homogeneous product as a function of the catalyst amount. 
Competitive adsorption of the different intermediates and reaction products is the main 
phenomenon determining the optimal homogeneous product yield. 
Similarly, 1D reactor simulations have been performed to assess the behavior of bimodal 
reaction sequences under three-phase conditions in two commercially relevant reactor 
configurations, i.e., the trickle bed reactor and the jet loop reactor, see Chapter 6. A generic 
reaction scheme, inspired by glucose reductive aminolysis, was used for this assessment, which 
also accounted for degradation. In the jet loop reactor, with a low catalyst-to-liquid ratio, the 
product flexibility is limited and the only reasonable objective is to achieve as high as possible 
‘homogeneous’ product yields while minimizing the extent of degradation. A wider variety of 
product spectra can be obtained when properly operating the trickle bed reactor, a high catalyst-
to-liquid ratio type reactor, by tuning the extent of mass transfer limitations via the reactant 
ratios and feed flow rates. When avoiding mass transfer limitations high ‘heterogeneous’ 
product yields can be reached, while exploitation of the mass transfer limitations leads to 
‘homogeneous’ product yields comparable to the ones obtained in the jet loop reactor. 
These insights were finally applied to optimize the product spectrum in the reductive 
aminolysis of glucose with DMA. A TMEDA yield up to 57% is simulated with the jet loop 
reactor. Tuning the catalyst mass is the most important factor to suppress both the extent of 
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degradation and avoid preferential formation of DMAE. A good temperature control is required 
such that temperature excursions stemming from the high reaction exothermicity are easily 
mitigated and result only in a slightly more pronounced degradation. This temperature control 
is the main limiting factor in the trickle bed reactor. TMEDA yield losses up to 20% are 
simulated when considering the effects of exothermicity compared to isothermal operation. 
Enhancement of the ratio of hydrogen to glucose only results in higher TMEDA yields and is 
not reflected in DMAE yields, which are always simulated to be close to 0%. Finally, an 
experimental validation showed that the simulated TMEDA yield of 37% was accurate and, 
hence, that the trickle bed reactor is not the most suited reactor to exploit the complex reductive 
aminolysis chemistry. Thus, the jet loop reactor is a better alternative for the production of 
TMEDA via glucose reductive aminolysis. 
Significant and quantitative insights in glucose reductive aminolysis have been achieved. Not 
all details of the complex chemistry involved in this transformation have necessarily been 
unveiled and, hence, some opportunities for optimization of TMEDA and DMAE yields in the 
reductive aminolysis of glucose with DMA remain. The points that potentially deserve attention 
in future work are summarized here: 
 Unraveling the complex chemistry of glucose reductive aminolysis on a more fundamental 
level. A comprehensive investigation using, e.g. density functional theory, could be 
performed to assess the importance of each catalytic function, which surface species and 
transition states are formed. Some work in this sense has already been performed, focusing 
among others, on solvent effects, and can be used as a starting point, see also Chapter 4. 
 These insights on catalytic functions and properties can provide a basis for the design of 
optimal catalysts, in terms of acid and metal properties, for glucose and eventually, cellulose, 
reductive aminolysis. The reductive aminolysis of cellulose will be a two-step process as 
cellulose hydrolysis is acid catalyzed and, consecutively, the formed glucose can be 
converted to DMAE and TMEDA under basic conditions, stemming from the excess of 
DMA. 
 Limiting the extent of homogeneous chemistry to the desired reactions and suppressing 
degradation is the key point for optimizing desired product yields. Reactor technologies, 
operated at conditions where gas-liquid mass transfer is not limiting, where sufficient catalyst 
is present to form the stable amines, i.e. reactor technologies that exploit the advantages of 
trickle bed reactors and do not suffer from the disadvantages of trickle flow, should be 
focused at. In addition, product separation, removal and quenching in case of recycle 
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operation, should be properly assessed to maximize TMEDA yields by limiting all the 
possible sources of product loss. In that respect, multifunctional reactors can be considered 
for a better exploitation of the reductive aminolysis. 
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Calculation of gas-liquid mass transfer 




This appendix elaborates on how gas-liquid mass transfer coefficients in the 1D 
heterogeneous trickle bed reactor simulation model were calculated. Firstly, the mass balances 
for a component j in the gas and the liquid phase in the trickle bed reactor are repeated, see also 
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For the liquid side, the correlation of the mass transfer coefficient, multiplied with the 
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The gas side mass transfer coefficient, multiplied with the gas-liquid interface area, is 
calculated from the correlation of Wild for the Sherwood number [3]: 
  11250502080500670 ...G.G.L.LMG ScWeRe.Sh   [ - ] (A-5) 
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Where the void fraction εGL is the complement of the catalyst bed fraction εcat from 
Eqs. (2-22) and (2-23). 
The diffusion coefficient of H2 in the gas mixture DH2,G, as required for the calculation of the 
Sherwood number, is calculated using the method of Wilke and Lee for binary diffusion and 
applying Blanc’s law for multicomponent diffusion [4]. 
The terms on the right hand side of (A-5) are elaborated on next. The Lockhart-Martinelli 
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The liquid-phase Reynolds number is defined as:  
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Verification of the intrinsic kinetics regime for 
the fed-batch reactor experimentation 
 
 
The absence of heat and mass transfer limitations for the fed-batch reactor experiments is 
discussed in what follows. The equations used and the assumptions made in the determination 
of the intrinsic kinetic regime are reported here and serve as a clarification for the results 
discussed in Section 3.3.1. 
B.1 Mass transfer limitations 
The extent of external mass transfer limitations is expressed by the Carberry number. The 
criterion to determine whether such limitations impact on the observations is that the observed 
reaction rate does not differ more than 5% from the intrinsic reaction rate. The most crucial 
heterogeneously catalyzed reaction is the hydrogenation of the enamine that can be 
hydrogenated to DMAE. First the potential occurrence of gas-liquid mass transfer limitations 




























  (B-1) 
Since no experimental data were available, a conservative approach was used. The maximum 
possible rate, i.e. 1.125 molDMAE mL
-3 s-1, was selected as the observed reaction rate. This rate 
corresponds to the triple of the maximum glucose feed rate as, stoichiometrically, three moles 
of DMAE can be formed from a mole of glucose. kGLaGL was set at 0.2 s
-1, which is typical for 
a mechanically stirred reactor [3], the Henry coefficient for hydrogen HH2
G amounted to 
100 mL
3 mG
-3 and the concentration of H2 in the gas phase was considered to be 
20000 mol mG
-3. The Carberry number for gas-liquid mass transfer amounts to 0.028 such that 
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the criterion (B-1) is fulfilled as the reaction is first order in H2, i.e. n = 1. Absence of internal 
mass transfer limitations is safely assumed since the catalyst particles have a very small 
diameter, i.e. 15 µmp (15·10
-6 mp) on average. 










   (B-2) 
The Carberry number is expressed for a component j which can represent H2 and the enamine 
that can be hydrogenated to DMAE. kSaLS was determined from correlations and amounts to 
0.33 s-1 for H2 and 0.16 s
-1 for the enamine. The highest Carberry number will, hence, be that 
for the enamine, amounting to 0.035, such that criterion (B-2) is fulfilled assuming the reaction 
to be first order. 
B.2 Heat transfer limitations 
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The same observed reaction rate is considered as discussed in the previous Section, here 
expressed as a function of the pellet volume: 123.3 molDMAE mp
-3 s-1. The absolute value of the 
reaction enthalpy |ΔrH| amounts to 110 kJ mol
-1 and the particle diameter dp is 5·10
-5 mp, a 
conservative value since the average particle diameter is 15·10-6 mp. The heat transfer 
coefficient between the liquid phase and the solid particles αLS amounts to 2700 W mp-2 K-1 
and the pellet conductivity λp is 0.16 W mp
-1 K-1. R is the ideal gas constant (8.314 J mol-1 K-1), 
the bulk liquid temperature TL is 398 K and the activation energy for the hydrogenation reaction 
was taken as 50000 J mol-1. The right hand side of Eqs. (B-3) and (B-4) thus becomes 1.3 K. 
The left hand side of Eqs. (B-3) and (B-4) amount to 0.04 K a 0.004 K respectively, showing 
that temperature gradients are negligible. 
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The most stringent intrinsic kinetics criterion for the reductive aminolysis of glucose 
concerns isothermicity on the reactor scale. Again, a conservative approach is adopted and 
therefore instantaneous conversion of glucose to TMEDA, with a maximum possible rate of 
9·10-4 molTMEDA s
-1, is considered. The corresponding global reaction is: 
OHNHCHNHCOHC 221662726126 6336    (B-5) 
The corresponding maximal thermal power amounts to 145 W, which can be removed by the 
water cooling in the reactor at the same time scale as it is generated. 
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Theoretical assessment of molar product yields 
in the parallel reaction scheme 
 
 
The validity of the numerical simulation results in Chapter 5 is verified by comparison with an 
analytical solution derived for the parallel reaction scheme. The derivation is made for the plug 
flow reactor, but is also valid for the slurry batch reactor. 
In the parallel reaction scheme, presented in Figure C-1, the reaction rates for the bulk phase 
reaction from A to Phom and for the heterogeneously catalyzed reaction from A to Phet are 
calculated as shown in Eqs. (C-1) and (C-2) respectively. 
 
Figure C-1: Parallel reaction scheme for assessing the interplay between 
heterogeneously catalyzed reactions (red, dashed line) and homogeneous bulk 
phase reactions (green, full line). 
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where V* is the dimensionless reactor volume. With the final goal of determining a 
mathematical solution for the product yields, defined as in Eq. (C-4), Eq. (C-3) firstly needs to 
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Furthermore, Equation (C-8) can be simplified at high values for the adsorption equilibrium 
coefficient Kads,A. In the latter case Kads,A exceeds khomεV by far and, hence, the latter term can 
be eliminated in the numerator, denominator and in the logarithmic term. After this 
simplification the term Kads,AkhetCtotWcat appears as a factor in both the numerator and 
denominator as a factor and can be eliminated. Finally, Kads,A can also be eliminated from the 
logarithmic term as it appears in each term. Ultimately the expression for the volumetric flow 
rate becomes: 
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   (C-11) 
For the equimolar reactions considered, i.e., not subject to contraction or expansion, the molar 
balance shown in Eq. (C-12) is valid: 
0,AmPhoPhetA CCCC   (C-12) 
Applying the latter molar balance to the Eqs. (C-10) and (C-11) results in the set of differential 







































The latter can then be integrated. Introducing the volumetric flow rate derived in Eq. (C-9) and 
rewriting according to Eq. (C-4) results in a mathematical solution for the yield of D as shown 
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Since the yields are obtained at 50% conversion of A the yield of E can then be written as 




































  (C-17) 
Eqs. (C-16) and (C-17) are plotted in Figure C-2 together with the simulation results as a 
function of the catalyst amount. The simulated data points perfectly overlap with the analytical 
solution and are, hence, trustworthy. 
 
Figure C-2: Molar heterogeneous ( Phet) and homogeneous ( Phom) 
product yields for the parallel reaction scheme as a function of the catalyst 
amount at 50% conversion of A. The analytical solution is plotted as a line 
with the simulation results superimposed as dots for each increment of 
100 kgcat mr-3. 
Equations (C-16) and (C-17) are only valid when the adsorption equilibrium coefficient of A 
is sufficiently high. The volumetric flow rate as used in Eq. (C-8) can still be used but 
Eq. (C-13) cannot be reduced to Eq. (C-15) and the integration becomes less straightforward. 
Therefore numerical solutions via simulations need to be used where an analytical solution 
cannot be derived. 
  
 
